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Foreword

Dismantling the BR3 reactor resulted in large amounts of contaminated waste. SCK» CEN
intends to minimise the amount of metallic waste using a decontamiation process based on the
oxitative power of cerium(IV). The aforementioned decontamination process will result in
decontaminated metal as well as in contaminated effluents which contain acid and metal salts.
Standard treatment of these effluents involves neutralisation of the acid, precipitation of
metals as hydroxides, and evaporation of the solvent. However, extracting the acid is from
the decontamination effluents prior to neutralisation, and re-used in the decontamination
process, this will substantially reduce the final waste.

I was asked to investigate the possibility of using ion-selective membranes for the extraction
of 900 moles of sulphuric acid out of a 1 m contaminated solution, containing 22 kg of
ferrous, chromous, cerous and nickel ions and 1000 moles of sulphuric acid.

This report discusses three possible membrane techniques which can be used for the recovery
of acids out of mixed acid/salt solutions, namely ElectroDialysis (ED), Electro
ElectroDialysis (EED) and Diffusion Dialysis (DD). For each technique its principle, its
advantages and disadvantages, the costs specific for the technique and the safety hazards
involved are discussed. Finally one of the membrane techniques is recommended.

Summary

The investigation of ED, EED and DD covers all commonly used membrane techniques with
ion-selective membranes, suitable for the extraction of acids from acid/salt solutions. The
techniques either use a concentration difference or an electrical potential difference across the
membrane as driving force. EED uses an electrical potential difference across an anion-
selective membrane; DD uses a concentration difference across an anion-selective membrane;
and ED uses again a electrical potential difference, this time across both an anion- and a
cation-selective membrane.

The best technique is the one that shows the best combination of (1) the amount of acid that
can be displaced, (2) the purity of the recovered acid, and (3) the costs involved in the
separation. EED enables us to recover up to 90 % of the sulphuric acid, and the total amount
of metal ions in the recovered acid solution is less than 1 % of the metal ions in the original
contaminated solution. However treating one litre of contaminated solution, is estimated to
cost as much as 18 BEF. In DD 90 % recovery is harder to obtain, the purity of the recovered
acid is comparable to EED and treatment costs amount to about 21 BEF per litre. In ED 90 %
is easily reached, but 5 % of the metal ions are also displaced. Treating one litre of
contaminated solution on the other hand will only cost 6 BEF.

The removal of acids out of decontamination effluents should be an extra step in nowadays
decontamination processes. I recommend to use ED for this purpose, since the technique, in
spite of the lower purity of the resulting acid, is economically speaking the best choice.

These costs only cover the investment costs for the membrane reactors, the necessary peripherals and the
energy costs specific for the technique. Peripherals identical for each technique (pre-filtering apparatus, pumps,
vessels, controls,...) as well as personnel costs are not included, since they are independent of the chosen
technique.
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Introduction

Part of the decontamination process for metals, is the treatment of the decontamination
effluents. Typical decontamination processes contain three steps: immersing the metal in an
acid solution containing a strong oxidant; dissolving the contaminated surface layer by
oxidation and treating the decontamination effluents. After the decontamination of the metal,
these effluents contain a high residual sulphuric acid concentration (up to 1 M H2SO4) and a
concentration of up to 22 g/1 of metal ions, as well as the entire amount of radionuclides
originally on the contaminated metal. If the effluents are not treated, except for the
neutralisation of the acid and the evaporation of the solvent, large amounts of Na2S04will add
to the amount of contaminated waste to be stored. Therefore, the excess of H2SO4 needs to be
removed from solution, prior to neutralisation and evaporation steps. The removed H2SO4 can
then be reused in the first step of the decontamination process. ElectroDialysis (ED), Electro
ElectroDialysis (EED) and Diffusion Dialysis (DD) all are valuable separation techniques for
the removal of sulphuric acid out of these contaminated acid/salt effluents.

For each technique this report handles the economic aspects, safety aspects and resulting
purity of the recovered acid solution. Before starting the comparison of these techniques,
Chapters one to three describe each technique separately, including the calculations of the
investment costs, energy costs and secondary waste costs. Chapter four compares the
techniques. This comparison considers not only these costs, but also the safety hazards
involved in the separation.

The investigation of ED, EED and DD covers all commonly used membrane techniques with
ion-selective membranes, suitable for the extraction of acids from acid/salt solutions. The
techniques either use a concentration difference or an electrical potential difference across the
membrane as driving force. EED uses an electrical potential difference across an anion-
selective membrane; DD uses a concentration difference across an anion-selective membrane;
and ED uses again a electrical potential difference, this time across both an anion- and a
cation-selective membrane.

Remark:

To compare the ED, EED and DD systems, each system will be calculated for the same
separation.

Each time the same solution is considered:
• the starting solution of contaminated sulphuric acid is 1 m3 in volume and has a sulphuric

acid concentration of 1 mol.dm" ;
• the solution contains 22.1 kg of metals, speciffically 1.2 kg nickel, 11.2 kg iron, 2.7 kg

chromium and 7.0 kg cerium as nickel sulphate, ferrous sulphate, chromic sulphate and
cerous sulphate;

Each time the same separation requirements are to be met:
The separation system should be able to displace 900 moles of sulphuric acid (which is 90 %
of the initial amount of sulphuric acid in the initial contaminated solution) in 24 hours (3
working days).
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1. ElectroDialysis

The description of ED contains the principle of the technique, the required apparatus and the
main advantages and disadvantages. Also included are the calculations for the necessary
membrane area, the electrode areas, the energy necessary for the separation, the investment
costs for the electrodialyser and the energy costs for the separation.

1.1 Principle and main set-up

In ED, ionic species leave a process fluid by moving in an electrical field, through ion selec-
tive membranes (Figure 1). A number of cation-exchange membranes (membranes that se-
lectively allow the passage of cations) and anion-exchange membranes (membranes that se-
lectively allow the passage of anions) are placed in an alternating pattern between an anode

and a cathode. When an ionic feed solution
is pumped through the even-numbered cells
and a direct current is applied to the
system, anions migrate towards the anode
and cations migrate towards the cathode.
Anions pass the anion-exchange mem-
brane, but are stopped at the cation-ex-
change membrane. Cations pass the
cation-exchange membranes and are
stopped at the anion exchange-membranes.
The overall effect is a decrease in ionic

concentration in the even-numbered cells
and an increase in the odd-numbered cells.
Consequently, alternate diluted and con-

centrated solutions are formed.

recuperated acid
I

© - • - o

contaminated solution

Figure 1. Displacement of H2SO4 by ED, principle

If ED is applied for the selective removal of acid out of acid/salt solutions, special properties
of both the anionic membrane and the cationic membrane are required. The anionic membrane
should show only small proton leakage and the cationic membrane should selectively allow
the migration of protons but should block any metal ion.

An ED set-up, such as the one in Figure 2, contains two distinct parts: the electrodialyser
module itself and the different feed circuits, including tubing, pumps and vessels. To run a
direct current through the membrane-stack, a DC- source is placed between the anode and the
cathode. The set-up in Figure 2 contains only five membrane pairs. At full scale, up to 100
pairs are common.

The electrodialyser module used for the calculations in the remaining text, has two Pt-coated
Ti-electrodes, the Neosepta AHA-1 anionic membrane and the Neosepta CMS cationic
membrane. The Pt-coated Ti-electrodes have a coating layer of 2.5 um. They show low
overvoltages for hydrogen formation, which is ideal for the cathode, and can easily withstand
corrosion by sulphuric acid, a condition that has to be met for the anode. The choice of the
anionic membrane results from an elaborate study of a number of possible anionic mem-

2 The AHA-1 membrane is the successor of the AMH membrane used in EED.
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branes, reported earlier. [97C'97S1 The choice of the cationic membrane is a result of a literature
study. The CMS cationic membrane is mono-cation-selective, which means that preferen-
tially protons will be allowed to pass the membrane, while di- or higher valent cations are

Q held back by the membrane. In this
"] way, the metal ions of the

contaminated solution are separated
from the recovered sulphuric acid
solution.(97BT'90M'94CPl9^G1

o~

n_
catholyte
+ anolyte

10 11

--©

"AHA1
•CMS

diluate:
mixture acid/salt

concentrate:
recuperated acid

Figure 2. ED, main set-up

The complete set-up in Figure 2 has
three separate loops: (1) the
combined anolyte and catholyte
loops, referred to as the electrolyte
loop, (2) the concentrate loop and
(3) the diluate loop. The anolyte
loop and the catholyte loop are the
loops that run past the anode and
the cathode. During the separation,
protons are consumed at the cathode
and produced at the anode.
Connecting the anolyte and the
catholyte therefore avoids drastic
pH changes in these circuits during
the separation. The concentrate
loop runs through every even-
numbered cell in the module. Its
acid concentration will increase
during the separation. The diluate
loop runs through every odd cell
except the first one. Its acid
concentration will decrease, its salt
concentration ideally remains
constant.

1.2 Advantages and disadvantages

Of all three membrane techniques under consideration, the desired extraction of sulphuric acid
out of the contaminated solutions will be least expensive when using ED. The technique
however does show some disadvantages: the cationic membranes are barely selective enough
for protons and the pronounced concentration polarisation of the cationic membrane on the
side of the contaminated solution will result in higher radiation doses on this membrane.

The costs linked to the separation of sulphuric acid by ED will be extensively discussed
underneath.

For ED to be successful, the cationic membrane should selectively allow the passage of
protons and block out all other cations present in the solution. Note that high metal leaks into
the recovered acid will not only result in lower current efficiencies, but will also have an
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impact on the first step of the decontamination process for contaminated metals: if the
recovered sulphuric acid solutions will be used as a starting solution for the contaminated-
metal attack, the limiting metal ion concentrations will be reached more quickly. Although it
is possible to design membranes that are very cation selective, it is difficult to obtain
selectivity for one cation. The better mono-cation-selective membranes still show
considerable leaks of metal ions. Apparent transport numbers for M2+ of up to 0.1 can be

in jpn 07RT1 ± 1 1

expected. ' These apparent transport numbers are a function of the current density,
the temperature, the total ion concentration and the concentration of each migrating species.
We determined metal-ion leakage in a pilot scale ED set-up, for a typical contaminated

1 (98CSVI

solution, at a current density of 0.04 A.cm" at room temperature. ' These revealed a
metal ion leak of no more than 5 % of the amount of metals present in the original
contaminated solution.
Secondly, there is a possible hazard concerning the radiation dose that would be imposed on
the cationic membrane during ElectroDialysis.3 Because of concentration polarisation the
concentration of 60Co2+, and therefore also the dose, will be many times higher than one
would expect not taking the electrical field into account.

1.3 Membrane and electrode area; investment cost estimates

The membrane area in ED is defined by the total current necessary for the separation and the
current density desired on the membranes, as is shown in Equation 1-1,

^,,0=—; 0-1)

where Am is the membrane area, I is the total current (A), i is the current density (A.cm"2) and
n is the number of membrane pairs.

1.3.1 The total current

The total current is a function of the required rate of sulphuric acid displacement and the total
current efficiency. For ED this total current is given by Equation 1-2,

where F is Faradays constant, Q is the rate of sulphate displacement, £ is the current
utilisation and n is the number of membrane pairs per electrode pair.

The best estimates for Q and £ are derived and reported earlier.t97C'98CSV> 94RK1 Equation 1-2
presumes 2 Faraday per mol of sulphuric acid to be displaced. Therefore
• Q = 900 mol.day'1 = 0.0104 mol.s'1;
. ^ = 0.70;
• F = 96500 C.mol'1.

Given these values, the current necessary for the required separation, when using ED is IED =
2900/n A.

3 Because of the use of cationic membranes in ED, the polarisation of the anionic membrane will also increase
the dose of the anionic membrane, since the maximal range of the 1.33 MeV and 1.17 MeV y of 60Co, in water,
is about 88 cm (x,/2 = 11 cm)|86F|.
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1.3.2 The current density

In the case of ED, working at reasonably high current densities it is always most opportune. It
will increase the energy costs of a run of the system, but it will also decrease the investment
costs. In general, investment costs contribute considerably more to the total cost of the
process than energy costs, especially in the case of short term projects where depreciation
cannot be spread over a larger number of years. The current density is limited due to the
finite speed of mass transport to the electrodes and the membranes. The limiting current
density of the system can be reached on either the cathode, the anode, the anionic membrane
or the cationic membrane.

For the electrodes, Equation 1-3 describes the limiting current density; in the case of the
membranes, Equation 1-4 provides an appropriate description, if in both cases mass transport
is purely diffusion governed. Note that the description of the limiting current density for the
electrodes is only valid if the concentration of the reacting species is 0 at the electrode itself
(distance from the electrode = 0).'80BF> 96M1 These limiting current densities are

= z.F.D ~ and (1-3)

=z-F-D. f* , (1-4)

where z is equivalence number, F is Faradays constant, D is the diffusion constant of the
anion or cation, C* is the concentration of this species in the bulk, 5 is the thickness of the
boundary layer, t^ the transport number of the anion or cation in the membrane and tb, is the
transport number of the diffusing species in the boundary layer.

The limiting current density does not only depend on the speed of mass transport by diffusion.
At higher flow the mass transport by convection gains importance. Equations 1-3 and 1-4

still hold, but de thickness of the boundary layer is affected by this convection. The boundary
layer thickness 5 depends on the channel geometry, the distance from the solution inlet and
the flow velocity. A conventional, empirical way of describing these effects on the limiting
current is given by Equation 1-5

i.u", (1-5)
c*

- z.F.D

where u is the flow velocity and a and p are empirical constants characteristic of each spacer
material.

In general, the limiting current density for the membranes is lower than for the electrodes, and
the limiting current density for cation transport through a cationic membrane is lower than for
the transport of anions though an anionic membrane.196MI Literature data reveals current
densities in ED stacks for the recovery of sulphuric acid, equipped with the ACM anionic
membrane and the CMS cationic membrane (both from neosepta, Tokuyama Inc.) between
0.02 and 0.1 A.cm"2.'92BH1 Using the chemically and mechanically more resistant AHA-1
membrane will not lower the limiting current density. For prolonged use, and in order to
guarantee effective heat transfer without having to install supplementary cooling systems, we
used a current density of 0.04 A.cm"2 for our pilot tests for ED.[98CSV1

Therefore the current density in ED is set at 0.04 A.cm"2.
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1.3.3 The membrane and the electrode area

Membrane areas are calculated from the current and the current density. Electrode areas
depend on the ED set-up.

The combination of the total current and the current density just derived results in the minimal
membrane area A ^ J D of the anionic or the cationic membrane necessary in ED. Using
Equation 1-1, this minimal membrane area

2 9 0 Q A
7 2 5 Q ( W

2
0.04 A. cm"2

= 7 2 5 Q ( W .

The number of membrane pairs in ED depends on the membrane area of a single membrane
in the stack. This membrane area is usually set by the manufacturer of the electrodialyser and
is typically 1000 cm2. For a single membrane area of 1000 cm2, the number of membrane
pairs is equal to 73; also counting a separate anolyte and catholyte circuit this results in a total
number of membranes of 147. At this point the total current can be calculated using Equation
1-1. This total current is 40 A, which results in daily H2-production on the cathodes of 18.0
moles and a daily O2-production on the anodes of 9.0 moles.

Normally the total electrode area is two times the membrane area of a single membrane, since
only two electrodes are required in the technique. The total electrode area (anode and
cathode) in an electrolyser equipped with membranes of 1000 cm2 is therefore equal to 2000
cm2.

1.3.4 Investment cost estimates for the electrodialyser

For the estimates of the investment costs, only costs directly connected to the electrolyser are
considered. This means that costs for storage vessels, heating and cooling systems, pre-filter
units, pumps and controls are not taken into consideration, arguing that they will be the same
for each technique.

The costs for an ED apparatus, with 15 m total membrane area of type AHA-1 and CMS, has
been estimated by ir J. P. P. Tholen, of the company Electrolyse Project b.v., and amounts to
1800 kBEF for the total apparatus, with 960 kBEF for the ED-stack, about 200 kBEF for

IQ7TI

frames and tubing and 120 kBEF for the DC-source. l '

1.4 Energy requirements and energy cost estimates for the separation

The energy necessary for the ED of 90 % of the H2SO4 out of the contaminated solutions can
be calculated by Equation 1-6. Until now, the voltage drop required in Equation 1-6 is not
known. It will be derived underneath.

EnED = nb.n. I.(V).t (1-6)

where nb is the total number of baths to be treated, I is the total current (A), <V> is the
average voltage drop over a cell pair during the separation, n is the number of cell pairs, t is
the time for one separation, the energy is given in J.
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For our purpose nb = 270,1 = 40 A, n = 73, t = 86400 s.

The voltage drop over a membrane pair (CMS + AHA-1) is derived from the pilot
experiments. The average value (weighed to time), between 0 % and 90 % acid displacement,
<V>=1.85 A. Therefore

EnED =270 • 73- 40 A • 1.85 V • 86400 s = 1.26 10" J.

Finally, energy cost, at a rate of 3 BEF.kWh"1, amounts to 105 kBEF.

1.5 Secondary waste estimates

The amount of secondary waste specifically arising from the use of ED, compared to EED or
DD, is again only related to the reactor itself. In the calculations the following prizes are
adopted:
• all contaminated membranes, membrane supports, spacers, turbulence promoters are of

type Al 1 (1 263 560 BEF.ton"1, rates 1998);
• all contaminated metal, including endplates, nuts and bolts, and electrodes are of type A14

(741 773 BEF.m"3, rates 1998).

The ED reactor contains the following materials of A14 type (as estimated by J. P. P. Tholen):
[97T]

• about 50 kg (being 6.4 litre) frame;
• about 10 kg (being 1.3 litre) of tubing;
resulting in 7.7 litre A14 type waste, or 6 kBEF.

The ED reactor contains the following materials of Al 1 type:
• a total membrane area of 1740 dm2, of average density 4.5 g.dm"2, being 6.5 kg;
• spacers, turbulence promoters, support amounting to about 43.5 kg;
resulting in 50 kg of Al 1 type waste, or 63 kBEF.

This results in an estimated secondary waste cost of 69 kBEF.
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1.6 Summary

List 1 contains the values derived for the current, current density, electrode area and
membrane area and the energy costs for the separation, when using ED.

List 1 Process variables in ED, if the single membrane area = 1000 cm2

total current (A) 40

current density (A.cm"2) 0.04

membrane area (m2) 14.7

electrode area (m2) 0.20

energy required for the separation (101' J) 1.26

investment costs for the electrolyser (kBEF)a 1280

energy costs for the separation (kBEF) 105

secondary waste costs (kBEF)a 69

production of H2 (mol.day"1) 18

a cost estimates restricted to the electrolyser only, including DC-source but not
including peripherals
b cost estimates not including heating or pumping, based on a cost of 3 BEF.

1kWh1
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2. Electro ElectroDialysis

Compared to ED, EED obtains a higher purity of the recovered acid solution. The technique
only uses one type of membrane, which does not have to show high selective properties, for
the separation to be successful. The technique is described in five parts, starting with EED's
principle and required apparatus, continuing with its advantages and disadvantages, the
membrane and electrode areas and the investment costs, the energy requirements for the
separation and the energy cost, and finishing with secondary waste costs.

diluted side outlet concentrated sid

to be diluted side, teed
to be concentrated
side feed

Figure 3. Displacement of H2SO4 by EED, principle

2.1 Principle and main set-up

EED displaces acids by permselective trans-
port of the anion through the anion exchange
membrane, and electrolysis of the proton.
An electro electrodialyser, as shown in
Figure 3, consists out of an anion exchange
membrane placed between an anode and a
cathode. The anionic membrane allows
selective displacement of the anions in the
electrical field between the electrodes and
provided by a DC-source. The anode
provides the production-site of protons by
the oxidation of water. The cathode
provides the reduction-site of protons. The
migration of the anion, combined with the
reduction of protons and the oxidation of
water results in the displacement of the acid.

The EED apparatus again has two parts: (1) the outer-circuits, including vessels and pumps
and (2) the electrolyser itself. The electrodialyser in Figure 4 shows three cells, that can be

formed using five electrodes. To provide direct
current, a DC-source is placed between the
anodes and the cathodes. The EED set-up only
has two circuits, one running alongside the
cathodes: the catholyte circuit, and one running
alongside the anodes: the anolyte circuit. The
EED module described in the remaining text, is
equipped with Pt-coated Ti-electrodes and the
Neosepta AMH-membrane as the anionic
membrane. The electrodes are Pt-coated Ti-
electrodes, the coating layer being 2.5 urn thick.
These electrodes show low overvoltages for
hydrogen formation, a perfect choice for the
cathode; and can easily withstand corrosion by
sulphuric acid, a condition that had to be met for
the anode. The choice of the anionic membrane
is a result of an elaborate study of a number of
possible anionic membranes, reported earlier.
J97C, 97S]

©

catholyte/
contaminated solution

anolyte/
recuperated acid solution

Figure 4. EED, main set-up
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2.2 Advantages and disadvantages

In EED the purity of the recovered sulphuric acid solution is much higher than in ED. The
main problems in EED are the possibility of side reactions such as metal deposition on the
electrodes, and the possible safety hazards coupled to the production of hydrogen on the
cathode and oxygen on the anode.

One of the main reasons why EED was studied as an alternative for ED, is that the membranes
involved in the technique do not have to show an exceptionally high selectivity in order for
this technique to result in high purity of the recovered acid solution. EED only uses one
anionic membrane, that should block out cations, but should not be permselective for one
specific anion. If this anionic membrane shows proton leakage to some degree, this will lower
the yield of the separation, but it will not affect the purity of the recovered solution as such.
This rules out problems such as the one met in ED, where the cationic membrane should
selectively allow passage of protons and block out all other cations present in solution to
obtain a high purity of the recovered acid.

When processing decontamination fluids originating from the decontamination of stainless
steel, nickel is expected to deposit more readily than other metal ions in solution. Metal
depositions on the cathodes have to be avoided at all times: a changed nature of the cathode
will affect the overpotentials for hydrogen formation and therefore change the conditions for
future separations in the EED apparatus. Also, the geometry of the cathode compartments
will change, possibly resulting in short circuiting of the system or damaging of the membrane.
Nickel deposition can be avoided by lowering the current density. This matter was
investigated and reported by Serge Sauvage in his thesis.|97S1

Because protons are displaced from the contaminated solution to the recovered solution by
means of electrolysis, hydrogen gas is formed on the cathode and oxygen gas on the anode.
This gas production influences the safety of the method because of the explosive nature of
hydrogen gas and the very low explosion limits of the mixture of hydrogen and oxygen gas.
The rate of the production of these gases on the electrodes is a function of the total current
and the current density applied during the separation. Possible pile-up of hydrogen gas will
have to be avoided by applying high enough liquid flows, by taking care no dead volumes are
incorporated in the apparatus and by providing a suitable gas vent. Avoiding the mixing of
hydrogen and oxygen gas in places where the system cannot be ventilated properly, mainly
means taking care the membrane is not damaged during operation.

2.3 Membrane and electrode area, investment cost estimates

The total membrane, anode and cathode area in EED are all derived in the same way. They
are a function of the current and the current density and are obtained by Equation 2-1:

AEED = ~7 (2-1)
i

where AEED can stand for the membrane area (symbolised by AmEED), the cathode area
(symbolised by AcathEED) and the anode area (symbolised by AanEED), I is the total current (in
A), i is the current density (in A.cm"2) on the membrane and n is the number of cells. Note
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however that the current density on the membrane, on the cathode and on the anode is not
necessarily identical, since electrodes can be of a different type. Considering the most
common ICI electrodes: an ICI-21 OO-type lantern-blade electrode will require a total current
density two times larger than the simple ICI-2100-type flat plate electrode to obtain the same
current density.

2.3.1 Total current

The total current is a function of the required rate of H2SO4-displacement and the total current
efficiency.

As in ED, this total current is given by Equation 2-2:

/ - ^ ^ (2-2)
1EED p ' \ A A)

where F is Faradays constant, Q is the rate of sulphate displacement and E, is the current
utilisation.

The best estimates for Q and % are derived and reported earlier. Equation 2-2 presumes two
Faraday per mol of sulphuric acid to be displaced. ' Therefore:
• Q = 900 mol.day"1 = 0.0104 mol.s'1;
• 4 = 0.90;
• F = 96500 C.mol"1.
Given these values, IEED = 2230 A.

Note that this current results in a daily H2-production on the cathodes of 1000 moles
(corresponding to a volume at STP of V(H2) = 22.4 m3) and a daily O2-production on the
anodes of 500 moles (corresponding to a volume at STP of V(O2) = 11.2 m ).

2.3.2 Current density

If we want to avoid metal deposition on the cathode, the current density will be limited. A
contaminated sulphuric acid solution originating from the decontamination of stainless steel
contains nickel, chromium, iron and cerium. Of these metals, nickel is most likely to deposit
on the cathode. Its deposition is a function of temperature, nickel concentration in the
contaminated solution, and the current density. Our experiments revealed that at 50 °C, if the
nickel concentration in solution is 0.2 mol'dm"3, the current density has to be as low as
0.08 A cm" to avoid the reduction of Ni + and allow 90 % displacement of the sulphuric acid.
[97S, 98CSR]

The current density can also be limited by the membrane. Since the current density on the
cathode is not necessarily equal to the current density on the anionic membrane, the limiting
current density on the membrane should be experimentally derived. We determined this
limiting current density for a number of anionic membranes including the AMH-membrane.
The limiting current density for the AMH-membrane is 0.16 A.cm"2.'9 CSR|

The current density on the cathode is set on 0.07 A.cm"2, this electrode being of a lantern
blade type, while the current density on the AMH-membrane and the anode (flat blade type)
is set at 0.14 A.cm"2. This means that for the cathode as well as for the membrane, the chosen
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current density is as high as 87 % of the limiting current density, enabling us to work with
minimal electrode and membrane areas, and therefore also minimising the investment costs.

2.3.3 The membrane and the electrode area

The membrane area is calculated from the current and the current density as was shown in
Equation 2-1:

A 2230 A
0.14 A. cm"

= 1 6 0 0 0 c m 2 -

The total electrode area is build up by the areas of the electrodes in a number of cells. The
projected area of the membrane in one cell is usually set by the manufacturer of the electro
electrodialyser, and is typically 2100 cm . Therefore, for the given separation, we need a
total of eight cells equipped with an anode, a cathode and an AMH-membrane. Since each
electrode, except for the final one, can be used simultaneously in two adjacent cells, EED will
require nine electrodes, being four lantern blade cathodes and five flat plate anodes, to
provide for a total of eight cells and eight membranes. This therefore results in a total
projected area of 8400 cm for the cathode, and of 10500 cm2 for the anode.

2.3.4 Investment cost estimates for the electrolyser

For the estimates of the investment costs, only costs directly connected to the electrolyser are
considered. This means that costs for storage vessels, heating and cooling systems, pre-filter
units, pumps and controls are not taken into consideration, arguing that they will be the same
for each technique.

The data in the offer of ICI for the FM21 electrolyser and the offer from Tokuyama Inc. for
the AMH-membrane result in the following prize-estimates: |96ICI> 95TC1

• cost of one anode, flat plate design: 250 kBEF
(1.5 u Pt-coated Ti-electrode of 2100 cm2 projected area, coating on both sides)

• cost of one cathode, lantern blade design: 270 kBEF
(1.5 u Pt-coated Ti-electrode of 2100 cm2 projected area, 8400 cm2 total effective electrode
area)

• cost of the AMH-membrane: 10 kBEF per m2

• cost of the electrolyser, without membranes or electrodes: 1000 kBEF
(endplates, gaskets, turbulence promoters, tubing, supports)

• cost of the DC transformer/rectifier: 1200 kBEF
(maximum current: 2500 A)

Therefore, the electrolyser able to effectuate the required separation by EED will, roughly
estimated, cost 4600 kBEF.

4 The electrode area of the FM21 electrolyser of ICI is equal to 2100 cm2.
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2.4 Energy requirements and energy cost estimates for the separation

The energy necessary for the separation (EnEED) can be calculated using Equation 2-3 in
which only the voltage drop is not known:

EnEED = nb - I -(V)-t, (2-3)

where nb is the total number of baths to be treated, I is the total current (A), V is the average
cell voltage during the separation, t is the time for one separation, the energy is given in J.

For our purpose nb = 270,1 = 2230 A, t = 86400 s.

The voltage drop over the cell can be approximated by the voltage drop in the lab-scale cell,
during an EED of 1 mol dm"3 H2SO4 at T = 50 °C and i - 0.14 A cm'2 and reported earlier.'9701

The average cell voltage for EED = <V> = 5.0 V.

Therefore,
EnEED =270 . 2230 A. 5.0 V. 86400 s = 2.60 101 1 / .

At an energy cost of 3 BEF.kWh"1, the energy just calculated would cost 217 kBEF.

2.5 Secondary waste estimates

The amount of secondary waste specifically arising from the use of EED, compared to ED or
DD, is again only related to the reactor itself. In the calculations the following prizes are
adopted:
• all contaminated membranes, membrane supports, spacers, turbulence promoters are of

type Al 1 (1 263 560 BEF.ton'1, rates 1998);
• all contaminated metal, including endplates, nuts and bolts, and electrodes are of type A14

(741 773 BEF.m"3, rates 1998).

The EED reactor contains the following materials of A14 type:
• about 40 kg (being six litre) of nuts and bolts;
• two end-plates of about 42 dm2 in projected area and 0.2 dm thick, being 17 litre;
• 11 electrodes of about 42 dm2 in projected area and 0.02 dm thick, being 9.3 litre;
resulting in 32.3 litre A14 type waste, or 24 kBEF.

The EED reactor contains the following materials of Al 1 type:
• a total membrane area of 168 dm , of average density 4.5 g.dm-2, being 0.8 kg;
• spacers, turbulence promoters, support for about four times the weight of the membranes;
resulting in 3.8 kg of Al 1 type waste, or 5 kBEF.

This results in an estimated secondary waste cost of 29 kBEF.
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2.6 Summary

List 2 contains the values derived for the current, current density, electrode area and
membrane area and the energy required for the separation, when using EED.

List 2 Process variables in EED, if the FM21 electrolyser of ICI is used

total current (A) 2230

current density on anode and membrane (A.cm"2) 0.14

current density on cathode (A.cm") 0.07

membrane area (m ) 1.68

number of lantern blade electrodes (cathodes) 4

number of flat plate electrodes (anodes) 5

energy required for the separation (10nJ) 2.6

investment costs for the electrolyser (kBEF)a 4600

energy costs for the separation (kBEF) 217

secondary waste costs (kBEF) a 29

amount of H2 (mol.day"1) 1000

' cost estimates restricted to the electrolyser only, including the DC-source but not
including other peripherals

cost estimates not including heating or pumping, based on a cost of 3 BEF. kWh'
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3. Diffusion Dialysis

DD allows high purity of the recovered solution and low amounts of safety hazards. As does
ED, the technique uses only one type of anionic membrane. Contrary to ED, it uses no
electrical driving force but rather a chemical one. DD is described in four points comprising
its principle and its apparatus, the advantages and disadvantages of the technique, the
membrane and electrode areas and the investment costs, and finally the secondary waste costs.

3.1 Principle and main set-up

In diffusion dialysis a chemical potential
difference across an anionic membrane
results in the displacement of acids from a
feed solution to a dialysate solution. The
only form of electrical potential involved
is the Donnan potential of the ion
selective membrane.[96M> 85KMl The entire
separation is based on the concentration
difference driving the acid's anion and
proton through the membrane and the
Donnan potential excluding metal ions in
the recovered acid solution. The
necessary chemical potential difference is
maintained througout the separation, by a
single pass system with counter-current
flow, i.e. the direction of the contaminated
solution flow (feed flow) and the
recovered acid flow (dialysate flow) are
opposite. The initial dialysate is water.

contaminated solution
recuperated acid

contaminated solution,
diluted in acid

water

Figure 5. Displacing H2SO4 by DD, principle

3.2 Advantages and disadvantages

The main advantages of this technique are the high purity of the recovered solution and the
absence of electrical current. The main disadvantage is that the driving force for the
separation is very weak, resulting in high required membrane areas and therefore higher
investment costs.

3.3 Membrane area and investment cost estimates for the dialyser

In DD, the only energy costs involved are pumping costs. Since these are not included for ED
and EED, they will also not be included for DD. Cost estimates are therefore limited to the
estimates of the investment costs, which are primarily related to the membrane area.

As was the case in ED and EED, also in DD the necessary membrane area is a function of the
driving force.
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The membrane area in DD can be determined using Equations 3-1 to 3-4. '96Mi

q = kov-A-{Cf-Cd), (3-1)

where q = the transfer rate of acid through the membrane, kov is the overall mass transfer
coefficient, A is the membrane area, Cf is the average concentration of acid in the feed and

Cd is the average concentration of acid in the dialysate. Since the technique uses counter-
current flow, these average concentrations can be given by

cf-cd = (c; - c°;') - (q- - c;). (3-2)

In the present case, since Cf
n = 1 M, C0/' = 0.1 M, Cd = 0.9 M and C°ul = 0 M, this results

in an average concentration difference

Cf-Cd =0.\M =
1
f d ^
1 m

If abstraction can be made of osmotic flow, the transfer rate of acid through the membrane
and the flow in the feed compartments will be related through

(3-3)

The feed-flow is completely defined by the conditions set for the recuperation, to treat 1 m3 of
acid in 24 hours. Therefore, the transfer rate q is

86400 s

Equations 3-1 to 3-3, in combination with a properly chosen overall transfer coefficient allow
us to calculate the membrane area necessary for DD in our case. This overall mass transfer
coefficient is a function of the mass transfer in the feed, the dialysate and through the
membrane, which are combined in a resistance model such as

1 1 1 1 „ „
— = — + — + , (3-4)
k k k k
Kov Kf Kd KM

where k^ is the overall mass transfer coefficient, kf and kd are the mass transfer coefficients of
solute in feed and dialysate, and kM is the membrane transfer coefficient.
The overall mass transfer coefficient can be derived from the study on the diffusion dialysis of
H2SO4 through the Neosepta AFN membrane by Z. Palaty and A. Zakova. [96PZ] They derived
membrane transport coefficients for the dialysis of H2SO4, using a stationary system
consisting out of two halfcells separated by a single membrane. We can use their membrane
transfer coefficients, provided:
• the diffusion dialysis in our case can be regarded as stationary (i.e. the Reynolds number is

very low);
• we are able to find a suitable mean of their kM-values;
• we can make a suitable estimate of the kL-values for feed and dialysate.

The Reynolds number is fixed by the single pass design of the process, the separation
requirements we set for each separation technique, and the design of the diffusion dialyser.

Rz = p-V'd\ (3-5)
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where p is the density of the solution (feed or dialysate) (kg.m"3), v is the velocity of the
solution in the cells (m.s'), dh is hydraulic diameter (m), 77 is the fluid viscosity (Pa.s). The
density of the solution as well as the fluid viscosity will change during the separation, but for
this calculation they are set at the value for pure water (p = 1000 kg.m"3, r\ = 10"3 Pa.s). The
velocity of the feed is set by the separation requirements, the fact that the separation occurs in
single pass and the diameter of the channels in the diffusion dialyser:

y nbaKh) (3-6)
t{batch)-n-S

where v is the velocity of the solutions in the cells, V(batch) is the total volume of the batch
(V(batch) = 1 m ), t(batch) is the time available for the treatment of one batch (t(batch) =
86400 s), n is the number of cells for the feed solution in the diffusion dialyser and S is the
cross section between two membranes in the diffusion dialyser. If we choose the Type 1750
diffusion dialyser of Osmota Membrantechnik GmbH, the total number of cells is 720
(therefore 360 are available for the feed), and the cross section of one cell S = 0.418 m.|BrO1

This combines to a velocity of v = 1.54 10"4 m.s"1. The hydraulic diameter in the Type 1750
diffusion dialyser is dh = 1 10"3 m. Combining v, dh, p and j] in Equation 3-5, results in a
Reynolds number of only 0.15, clearly indicating almost no movement in the channels of the
reactor, which allows us to assume stationary conditions.

The membrane transfer coefficients kM of Z. Palaty and A. Zakova can be used to derive a
proper mean value, to be used in Equation 3-4. These scientists derived kM-values ranging
between 4.44 10"7 m.s"1 and 1.41 10"6 m.s"1, depending on the initial H2SO4-concentrations,
therefore allowing us to calculate each kM(C)-value for an initial acid concentration between
0.099 M and 0.1849 M. We can consider the filter press design, when used in almost
stationary conditions, to be comparable to the design of Z. Palaty and A. Zakova, provided we
describe the initial concentrations in function of the position in the reactor, since in that case

(3-7)

Translating the kM(C)-values of Z. Palaty and A. Zakova to the kM(h) values needed in
Equation 3-7, is done by describing the feed concentration and the dialysate concentration as a
function of h. The sum of the concentrations on either side of the membrane at a certain
position in the reactor can be regarded as the initial concentration in Z. Palaty and A. Zakova's
experiments. This means

C = Cd + Cf, or kM(C) = kM(Cd + Cf). (3-8)

In stationary conditions, if a single pass system is considered, and initial concentrations
remain constant, the concentrations at a certain position in the reactor will not change in time.
Typically, in membrane processes, if the residence time is high compared to the total batch

treatment time (i.e. if the concentration of the reagent changes considerably during one
passage of the reactor), the concentration of the reagents as a function of the position in the
reactor is described with an exponential:

where C is the concentration of acid in the feed or the dialysate, h is the position in the reactor
(related to the height of the membrane), and a and b are constants. Since we know two points
in the feed side (initial (c, h) = (1 M, 0 cm) and final (c, h) = (0.9 M, 41.8 cm)), the
exponential in Equation 3-7 is completely defined for the feed.
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However, for the dialysate only one point is known. The end point, (c, h) = (0 M, 41.8 cm),
cannot be used to derive a and b, since in this case the logarithm of the concentration is not
defined. Since the initial and the final, as well as the average concentration difference
between concentrate and diluate is equal to 0.1 M, an alternate way to describe the
concentration in the dialysate is

Cd(h)=eOO55Oh-O.l. (3-10)

Combining Equations 3-7 through 3-10 allows estimating the average kM-value required in
Equation 3-4: kM = 9.3xl0'7m.s'1.

Overall mass transfer coefficients are both a function of kL and kM, as Equation 3-4 states.
Z. Palaty and A. Zakova noticed a distinctive difference in overall transport, for different
degrees of convection in the cells, with a drop of 50 % of the overall rate at the lowest stirring
speed. This indicates that in their experiments the rate of mass transfer depends on both
transfer through the membrane and through the solution. Different stirring speeds in the
halfcells of their set up stand for different flow rates in our filter press design. However, since
the Reynolds number calculated earlier indicated stationary conditions, we must assume that
our case would confer with no stirring in Z. Palaty and A. Zakova's experiments. Therefore,
assuming the extreme case, where mass transfer in the solution is as slow as through the
membrane, kf = kd = kM, or using Equation 3-4,

* = ^ L = 3.09 10-7 - .
3 s

Finally, the calculated values for q, Cf - Cd and kov allow us to use Equation 3-1 to calculate

the necessary membrane area. This results in A = 337 m , which means, if the Osmota
diffusion dialyser would be used for the purpose, we need a total of three Type 1750 diffusion
dialyser units set in series to accommodate the required separation set-up.

M. Deuschle of Osmota GmbH estimated the prize of one Type 1750 diffusion dialyser
module to be about 1600 kBEF, amounting to 4800 kBEF investment costs for the dialyser
only. He also noted that the total costs for the complete installation, including pre-filtration
unit, pressure controlling pumps and system controls would mount to about 6000 to 7000
kBEF.(97D1

3.4 Secondary waste estimates

The amount of secondary waste specifically arising from the use of DD, compared to ED or
EED, is again only related to the reactor itself. In the calculations the following prizes are
adopted:
• all contaminated membranes, membrane supports, spacers, turbulence promoters are of

type Al l (1 263 560 BEF.ton"1, rates 1998);
• all contaminated metal, including endplates, nuts and bolts, and electrodes are of type A14

(741 773 BEF.m'3, rates 1998).

The DD reactor contains the following materials of A14 type:
• about 100 kg (being 13 litre) of nuts and bolts;
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• two end-plates, of about 25 dm2 in projected area and 0.2 dm thick, being five litre;
resulting in 18 litre A14 type waste, or 13 kBEF.

The DD reactor contains the following materials of Al 1 type:
• a total membrane area of 33700 dm2, of average density 4.5 g.dm'2, being 152 kg;
• spacers, turbulence promoters, support for four times the weight of the membranes;
resulting in 758 kg of Al 1 type waste, or 957 kBEF.

This results in an estimated secondary waste cost of 971 kBEF.

3.5 Summary

List 3 contains the values derived for the membrane area, the investment costs and the
secondary waste costs, when using DD.

List 3 Process variables in DD, if the Type 1750 dialyser of Osmota is used

membrane area (m2) 337

energy required for the separation (. 101' J) 0.0

investment costs for the electrolyser (kBEF)a 4800

energy costs for the separation (kBEF)b 0

secondary waste costs estimates (kBEF) a 971

amount of H2 (mol.day"1) 0

amount of O2 (mol.day'1) 0
a cost estimates restricted to the dialyser only, not including peripherals
b cost estimates not including heating or pumping, based on a cost of 3 BEF. kWh"'
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4. Comparing ED, EED and DD

Lists 1 to 3 contain the data to be used in this comparison. For clarity some of these data are
repeated in List 4.

List 4 Some estimates concerning the use of ED, EED and DD for the present separation

ED
18
9
1280
105
69
6

EED
1000
500
4600
217
29
18

DD
0
0
4800
0
971
21

amount of H2 (mol.day")
amount of O2 (mol.day"1)
investment costs for the electrolyser (kBEF) a

energy costs for the separation (kBEF)
secondary waste costs estimates (kBEF) a

a cost estimates restricted to the dialyser only, not including peripherals
b cost estimates not including heating or pumping, based on a cost of 3 BEF. kWh"1

estimated for the total treatment of 270 m3 contaminated solution (914 tons contaminated steel), of initial
acid concentration of 1 M H2SO4

4.1 Safety requirements
The production of H2 and O2 in ED and EED, has a certain impact on the safe use of the
technique. Clearly this would mean that DD is the safest technique, since no gasses are
produced. However, in the case of ED, the daily amount of H2 gas is only 800 ml at standard
temperature and pressure (i.e. 34 ml.hr"1), while the daily amount of O2 gas is only 400 ml
(i.e. 17 ml.hr"). The construction of the catholyte circuit of the electrodialyser does not allow
gas accumulations, while the production rates are so low that the gas can easily be safely
removed by a small fuming hood constructed above the electrolyte vessel. Note that, at these
low gas production rates, standard procedure in ED is to mix the anolyte circuit (in which O2

is dragged along) and the catholyte circuit (in which H2 is dragged along). In this way pH
variations in both circuits are avoided. Again simple aspiration adequately avoids
accumulation of the gasses and reduces the danger of explosion (due to mixing of H2 and O2)
to zero. Clearly, these dangers are bigger in the case of EED. The gas production rates are as
high as 1.86 l.hr"1 for H2 and 0.93 l.hr" for O2. The technique however does not mix anolyte
and catholyte solutions, therefore again allowing safe removal of the gasses by aspiration.

4.2 Estimated costs

Clearly, for our purpose ED has the lowest investment costs. DD scores rather poorly, because
of the low driving force in our case, it will be the more economical choice if the concentration
of acid in the contaminated solution is higher. EED will only be economically called for in
even smaller installations. Note however that, if the purity of the recovered acid would have
been critical, EED, even in our bigger installation, would have been more economical than
DD.

For all techniques energy costs are very low. Clearly here DD scores best, since the technique
does not need electrical energy to establish separation. Note that the energy needed in EED
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and ED is comparable. Although ED only needs 40 A, to 2230 A for EED, the high amount
of membranes between anode and cathode account for a far higher voltage drop over the entire
membrane stack.

Investment costs and energy costs (if in both cases only the reactor is considered), are poorly
balanced. This is due to the small amount of waste to be treated, resulting in small
installations, and the fact that the total amount of waste is fixed, resulting in small
depreciation periods. Investment costs are estimated for the membrane process to be used in
combination with the decontamination of 914 tons of contaminated metals of SCK'CEN.
This small amount of waste calls for small installations, with proportionally high investment
costs. If this small amount of metals will be treated in only 3 years, depreciation of the
installation should then not exceed these three years. Also, because of the batchwise
treatment of the waste, the membrane installation would only be in use for about 50 % of the
time, in order avoid pile-up of the batches.

Secondary waste costs are small compared to investment costs, with only the secondary waste
costs for DD notably influencing the total costs for waste treatment.

5. Recommendation

This document clearly shows that membrane techniques using ion selective membranes are
capable of recovering sulphuric acid out of contaminated effluents containing metal ions.

Of the three membrane techniques studied electrodialysis is the best suited to treat
decontaminated sulphuric acid solutions originating from the metal decontamination process
as planned at SCK'CEN. Of all three techniques studied, ED induces the smallest separation
costs. The purity of the recovered solution is sufficiently high, and the safety hazards are
small.

If the technique is to be used in the decontamination process for the total of 916 tons of
contaminated metal at SCK'CEN, investment costs for the electrodialyser itself, the electricity
costs for the separation and the secondary waste costs for the electrodialyser amount to 6
BEF.l"1. Note however that this estimate does not include peripheral costs such as the costs
for pumps, vessels, pre-filter systems, neither does it include extra energy costs such as
pumping costs and labour costs. A detailed cost estimate lays beyond the scope of this report,
which was to choose the best membrane technique for our purpose. A detailed cost analysis
of the use of ED will be given in the next report.
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