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ABSTRACT

The Defense Waste Processing Facility (DWPF) at the Savannah River Site (SRS) will be the

United States' first facility to process High Level radioactive Waste (HLW) into a borosilicate glass

matrix. The removal of aromatic precipitates by hydrolysis, evaporation, liquid-liquid extraction

and decantation will be a key step in the processing of the HLW. This step, titled the Precipitate

Hydrolysis Process, has been demonstrated by the Savannah River Technology Center with the

Precipitate Hydrolysis Experimental Facility (PHEF). The mission of the PHEF is to demonstrate

processing of simulated high level radioactive waste which contains tetraphenylborate precipitates

and nitrite. Aqueous washing or nitrite destruction is used to reduce nitrite. Formic acid with a

copper catalyst is used to hydrolyze tetraphenylborate (TPB). The prima.tT offgases are benzene,

carbon dioxide, nitrous oxide, and nitric oxide. Hydrolysis of TPB in the presence of nitrite

results in the production of polycyclic aromatics and aromatic amines (referred as high boiling

organics) such as biphenyl, diphenylamine, terphenyls etc. The decanter separates the organic

(benzene) and aqueous phase, but the high boiling organic separation is difficult. This paper

focuses on the evaluation of the operating strategies, including steam stripping, to maximize the

removal of the high boiling organics from the aqueous stream.
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SUMMARY

Two areas were investi,_ted, (1) a steam stripping comparison of the late wash flowsheet to the

HAN flowsheet and (2) the extraction performance of the original decanter to the new decanter.

The focus of both studies was to minimize the high boiling organic content of the Precipitate

Hydrolysis Aqueous (PHA) product ha order to minimize downstream impacts caused by organic

deposition.

The late wash flowsheet produces a product that contains less than one-tenth the high boiling

organics compared to the HAN flowsheet. The diphenylamine concentration in the HAN PHA

ranged from 270-1160 mg/L and the biphenyl concentration ranged from 6-1190 mg/L. The

diphenylamine concentration in the late wash PHA ranged from 11-41 mg/L and the biphenyl

concentration ranged from 2-5 mg/L.

The net stripping rate (decrease in the high boiling organics) is higher in the late wash versus the

HAN flowsheet. It would take approximately six to ten hours of steam stripping in the late wash

process to produce a target product containing 2 mg/L biphenyl and 10 mg/L diphenylamine. It

would take approximately 18-66 hours of steam stripping in the HAN flowsheet to produce a

similar product. The net stripping half-life of both diphenylamine and biphenyl were lower in the

late wash experiments. The net stripping half-life of diphenylamine in the HAN process was 4.6

to 8.9 hours versus 2 to 4 hours in the late wash process. The net stripping half-life of biphenyl in

the HAN process was 2.5 hours versus <1 hour in the late wash process.

The new decanter has a higher extraction efficiency than the original decanter. The design feature

responsible for the increased efficiency is believed to be the self cleaning ability of the new

decanter.
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INTRODUCTION

The Defense Waste Processing Facility (DWPF) at the Savannah River Site (SRS) will be the

United States' first facility to process High-Level radioactive Waste (HLW). The waste will

undergo chemical and physical treatment before vitrification into a durable borosilicate glass. The

resulting waste glass product will be permanently stored in an off-site geologic repository. The

original HLW is a highly acidic nitric acid solution. However, the HLW is stored in an alkaline

form, at a pH of approximately 12, to inhibit corrosion of the carbon steel waste tanks. The waste

is stored as both a sludge and a salt containing supemate. The supemate contains most of the

radioactive cesium, some residual strontium and plutonium, and occupies 90% of the volume of

the waste tanks. The sludge occupies the remaining volume, but contains 95% of the total

radioactivity. In order to introduce the HLW to the glass melter and to meet glass processability

and quality requirements, chemical treatment of the waste prior to vitrification is required.

The volume of the supemate will be reduced by precipitation of the cesium (via the addition of

sodium tetraphenylborate) and adsorption of the residual strontium and plutonium (via the addition

of sodium titanate) [1]. The resulting slurry will be filtered to concentrate the solids to about 10

wt%, while the decontaminated filtrate will be treated as low level waste. Initial processing of the

concentrated slurry in the DWPF will take place in the Salt Processing Cell (SPC) where the

tetraphenylborate precipitates will be hydrolyzed by formic acid and the resulting aromatic organic

compounds removed by evaporation and liquid-liquid extraction. This process is termed the

Precipitate Hydrolysis Process (PHP) and the aqueous product is called Precipitate Hydrolysis

Aqueous (PHA).

Additional corrosion inhibition of the salt solution waste tanks is provided by the addition of

sodium nitrite. This complicates Salt Processing Cell chemistry, since hydrolysis of

tetraphenylborate in the presence of nitrite results in the production of high boiling byproducts
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(e.g. biphenyl, diphenylamine, terphenyls). The high-boilers accumulate within the process,

especially on heat transfer surfaces. High-boiler production is minimized by first reducing the

nitrite by repeatedly washing the precipitate with water and using filtration to re concentrate the

insoluble solids. The hydrolysis rate is accelerated by elevating the temperature and adding a

copper catalyst.

The sludge will be washed in the tank farm to remove excess aluminum and caustic. Nitrite will

then be added to the washed sludge as a corrosion inhibitor. Initial processing of the washed,

inhibited sludge in the DWPF will take piace in the Chemical Processing Cell where the sludge will

be treated with nitric acid. The sludge, PHA and borosilicate glass flit are blended to produce the

feed for the melter. The melter will be continuously fed and the glass product poured into stainless

steel canisters for ultimate storage at a federal repository. In each feed batch, the sludge, PHA,

and frit are blended in order to meet product processability and acceptability criteria. Chemical

Processing Cell operations, including sludge treatment, are discussed elsewhere [2].

A. FACILITY AND PROCESS SUMMARY

A diagram of the PHEF is shown in Figure 1. The Precipitate Hydrolysis Process, which is

outlined in Table 1, is centered around the PR. The PR is a 6,000 L (1,600 gal) agitated vessel

equipped with intemal steam and cooling water coils. Over a one and one-half to two hour period,

simulated precipitate slurry is fed from the Precipitate Hold Tank (PHT) to the PR, which is

charged with formic acid and copper catalyst prior to feeding. The target PR liquid temperature

during feeding is 363 K (90 °C) for the late wash process and 328 K (55°C) for the HAN process.

After feeding and the hydrolysis reaction are complete, the liquid temperature in the PR is increased

to 373 K (100°C). The PR is maintained at 373 K (100°C) for five hours at a steam flowrate of

182 kg/hr (400 lb/hr) to steam strip organics from the PR to the decanter organic.
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FIGURE I. PHEF DIAGRAM

The SavannahRiverTechnologyCenter(SRTC)operatesthePrecipitateHydrolysisExperimental

Facility(PHEF),whichisaone-fifthscalepilotfacilityusedtoevaluatethePrecipitateHydrolysis

Process.The simulatedprecipitateslurryprocessedinthePHEF isanon-radioactivesimulant.A

comparisonofthesimulatedandtheactualprecipitateslurrycompositionsisgiveninreference[3].

Hydrolysis of TPB in the presence of nitrite results in the production of polycyclic aromatics and

aromatic amines (referred as high boilers) such as biphenyl, diphenylamine, aniline etc. The

decanter separates the organic (benzene) and aqueous phase, but the high boiling organic extraction

is difficult. This paper provides a summary and discussion of the results on the evaluation of the

operating strategies such as

• Steam stripping of high boiling organics from the PHA, and

• Installation of the newly designed decanter,

to maximize the removal of the high boiling organics from the aqueous stream. Six modified HAN

Process runs ( Run 54 through 59) and six Late Wash Process runs (Run 60 through 65) were

made at PHEF to test out the steam stripping and to compare the performance of the old and new

decanters. Results of these strategies are discussed in this paper.
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B. NAN FLOWSttEET

The HAN flowsheet was developed to deal with the high nitrite concentrations in the precipitate

slurry by destroying the nitrite before the hydrolysis of tetraphenylborate was initiated. An outline

of the I-tAN flowsheet is summarized in Table 1. Further details are provided in Appendix A.

TABLE 1. OUTLINE OF HAN FLOWSHEET PKECIPITATE HYDROLYSIS

PROCESS

PR CYCLE

1. PR Charge: formic acid, HAN and OE recycle added to PR. Process water

added to achieve pre-reaction heel balance of 1,210 L (320 gal).

2. Feed: precipitate slurry fed to PR with nitrogen purge of 40.8 kg/h (90 lbm/h).

3. Catalyst Addition: 5.89 kg (12.99 Ibm) copper catalyst added to PR.

4. Aqueous Boil: PR heated and boiled at -373 K (100 °C) with 181 kg/h (400

lbrn_) steam for 5 hours.

5. Cooidown: PR cooled and contents transferred toAqueous Hold Tank (AHT).

OE CYCLE -

1. Cesium Extraction: water added tO(DE and contents agitated for 30 minutes.

2. Aqueous Boil: OE heated and boiled at 373 K (-100 °C) with 113 kg/h (250

lbrn_) steam for 10 hours.

3. Cooldown: OE cooled; contents recycled to PR during PR Charge.

C. LATE WASH FLOWSHEET

The late wash flowsheet differs from the HAN flowsheet in that the nitrite concentration in the feed

is low enough that destruction of the nitrite by HAN is not required. This simplifies the process

and allows feeding at a higher temperature (90°C). Both processes are identical once the heatup to

aqueous boil section of the run is initiated. An outline of the Late wash process is summarized in

Table 2. Further details are provided in Appendix B.
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TABLE 2. OUTLINE OF LATE WASH PRECIPITATE HYDROLYSIS PROCESS

PR CYCLE

1. PR Charge: formic acid, copper catalyst and OE recycle added to PR. Process

water added to achieve pre-reaction heel balance of 1,020-1,210 L (270-320 gal).

2. Feed: precipitate slurry fed to PR with carbon dioxide purge of 22.7 kg/h (50

Ibm/h).

3. Hold: PR Temperature held at 363 K (90°C) for five hours to complete

hydrolysis.

4. Aqueous Boil: PR heated and boiled at -373 K (100 °C) with 181 kg/h (400

lbrn_) steam for 5 hours.

5. Cooldown: PR cooled and contents transferred to Aqueous Hold Tank (AHT).

D. PROCESS CHEMISTRY

/'

The hydrolysis of tetraphenylborate is a four step sequence initiated and propagated

by free radicals. Copper in the cupric form (Cu ++) is used to catalyze the reaction.

The major reactions are summarized in T_able 3. The last step of the hydrolysis

(Reaction 2d) produces a benzyl radical (C6H5"). This free radical generally reacts

with water (because of the high concentration of water) to produce benzene. The

benzyl radical also reacts with other intermediates and products to produce

unwanted components such as biphenyl, phenol, and terphenyl. Free radical

reactions are thought to be involved in the production of phenylphenol species also

[4].

As a result of the free radical nature of the hydrolysis of tetraphenylborate, some by

products will be produced. Feeding at 90°C will help to minimize formation of high

boiling organics such as biphenyl by ensuring that benzene produced in the PR will be

vaporized and will not be available for further reactions.
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TABLE 3. MAJOR REACTIONS OF PRECIPITATE HYDROLYSIS PROCESS

Acid Hydrolysis of Tetraphenylborate

KB(C6I-!5)4 + HCOOH -_ KCOOH + C6H6 + B(C6H5)3 (la)

B(C6Hs)3 + H20 -_ C6H6 + (C6Hs)2BOH (lb)

(C6Hs)2BOI-I + H20 -_ C6H6 + C6H5B(OH)2 (lc)

C6HsB(OH)2 + H20 -+ C6H6 + B(OH)3 (ld)

Copper Catalyzed Hydr..olysis of Tetraphenylborate

KB(C6Hs)4 + Cu 2+ -_ Cu + + K+ + C6H5 • + B(C6Hs)3 (2a)

B(C6H5)3 + I-I20 + Cu 2+ --_ Cu + + H + + C6H5 ° + (C6Hs)2BOH (2b)

(C6H5)2BOH + H20 + Cu 2+ --_ Cu + + H + + C6H5" + C6H5B(OH)2 (2c)

C6HsB(OH)2 + H20 + Cu 2+ -_ Cu + + H + + C6H5" + B(OH)3 (2d)

Neutralization Reactions

NaOH + HCOOH -_ NaCOOH + H20 (3)

Na2CO3 + 2HCOOH -_ 2NaCOOH + C02 + H20 (4)

Reduction of Nitrite by HAN

NH2OH°HN03 + NO2" --) N20 + 2H20 + NO3" (5)

E. ACCUMULATION OF HIGH BOILING ORGANICS AND DIFFICULTIES

Based on the results of the previous studies, it w_s i:_dged that the original decanter

design was not providing optimum separation of the high boiling organics which

consequently led to high concentrations of high boiling organics in the PHA. This has

been measured in PHEF by excessive (two phase) carry over of organics into the

aqueous that is recycled to the Precipitate Reactor.

These high boilers have accumulated

1. within the process vessels, piping, flame arrestors and the sample taps.
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2. in downstream facilities.

The accumulation of high boiling organics within process vessels and piping can

reduce heat transfer and obstruct fluid flow. The PR cooling coil is especially

susceptible to deposits of high boiling organics. During Cooldown, the high boiling

organics are believed to solidify on the cold surface of the cooling coil. The nominal

range of the PR cooling coil heat transfer coefficient is 3080-5130 kJ/h °m2oK (150 to

250 BTU/hroIt2o°F). The nominal range for the length of PR cool down from 100°C to

55°C is 80 to 90 minutes.

F. DETERMINATION OF STRIPPING EFFICIENCY

Efficient stripping and extraction are required to produce the cleanest PHA product.

The simplest measure of the combined stripping and extraction performance is

defined as Net Stripping Efficiency. Net stripping efficiency combines the extraction

and stripping efficiency without the need to know either efficiency separately. The

net stripping constant and the Net Stripping half life can be calculated as follows:

C(t) = CO * exp (kl t) (6)

CO = Initial concentration in PR, mg/L

C(t) = Concentration in PR at time t, mg/L

t = time, minutes

kl= Net Stripping constant, rain-1

tl/2ffi-ln(2)/kl ffi-0.693/kl (7)

tl/2= Net stripping half life, minutes

The net stripping constant can be calculated using a least squares fit of the logarithm

of concentration versus the time. This half life calculation can be used to calculate

the stripping time required to reduce an initial concentration to a final concentration

as follows:
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t(stripping) = CO/Ctarget * tl/2 (8)

t(stripping) = stripping time required

Ctarget = Target high boiler concentration at end of stripping, mg/L

G. lr_ECANTER DESIGN STRATEGY

The RCD is a combination condenser and decanter in the same vessel body. The

condenser sits on top of the decanter and the condensate drains by gravity to the

decanter. The decanter is designed to separate (decant) benzene/organics,

water/water soluble chemicals, and mercury. The low specific gravity of the upper

organic layer (0.88-0.92) allows the separation by gravity of a lower aqueous layer

(1.00) with an accumulation of a small layer of mercury (13.6) i_ the base of the

decanter [5]. Details of the decanter design and operating difficulties are summarized

in Appendix C.

EXPERIMENTAL RESULTS

A series of experiments were designed to test (1) the net steam stripping efficiency in

the HAN Process, (2) the net steam stripping efficiency in the HAN Process, and (3)

extraction efficiency of the original decanter versus the new decanter.

A. HAN EXPERIMENTS TO IMPROVE DECANTER PERFORMANCE

A series of six runs were designed to test the efficiency of the original and new

decanters in the HAN process. The first two runs (runs 54 and 55) were completed

with the original decanter after spray nozzles were installed in the RCD condenser.

The next two runs (runs 56 and 57) were completed with the new decanter. Run 56

tested the new decanter without liquid recirculation and Run 57 tested the new
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decanter with liquid recirculation. Run 57 was very different from the previous three

runs since equipment problems caused the boilup rate to be an estimated 800 lb/hr

versus the planned 400 lb/hr, which caused flow problems in the decanter. The last

two runs in the series (Runs 58 and 59) were designed to test the difference in

decanter performance without and with the installation of a teflon/stainless mesh

coalescer element in the organic phase.

The decanter is designed to extract organics from the aqueous product to produce as

low a concentration of high boiling organics in the PHA as practical. Only the

biphenyl and diphenylamine concentrations will be discussed because of their high

concentrations in the PHA and because they have been responsible for the operating

difficulties such as flame arrestor pluggage. It is difficult to directly measure the

decanter extraction efficiency of the high boiling organics. Efforts at determining the

high boiling extraction efficiency of the decanter by comparing an equilibrium aqueous

concentration to the measured aqueous concentration exiting the decanter showed

the estimated efficiency varied greatly but was generally very low (1 to 10% of

equilibrium) [6].

Decanter performance can be effected by a number of parameters including: 1) high

boiler production during run, 2) high boiler content of organic in decanter, and 3)

upsets during run. From run to run the high boiling organic concentration varied

significantly _Table 4 summarizes PHA high boiling concentrations before and after

steam stripping for runs 54-59). Any process upset such as loss of steam or start of

aqueous boil has a tendency to upset the decanter by increasing entrainment of

organics in the aqueous.
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Table 4. High Boiler Concentration In HAN PHA

BIPHENYL BIPHENYL DIPHENYLAMINE DIPHE_INE

RUN BEFORE AFTER BEFORE AFTER

54 1725 290 906 1158

55 1096 150 667 1033

56 1540 144 1489 747

57 1171 1187 310 828

58 599 148 1055 298

59 1061 6 959 271

The calculated net stripping half life can be used to predict the stripping time required

to produce a suitable product. Table 5 summarizes the data and predicts the

stripping time required go produce a PHA product of 10 ppm diphenylamine and 2

ppm biphenyl.

Table 5. Net Stripping Half.Life/Predicted Stripping Time In HAN Process

NET STRIPPING HALF-LIFE, HOURS PREDICTED STRIPPING TIME, HOURS

RUN BIPHENYL DIPHENYLAMINE BIPHENYL DIPHENYLAMINE

54 3.5 CONCENTRATION 36.9 NOT APPLICABLE
INCREASED

55 2.2 CONCENTRATION 21.8 NOT APPLICABLE
INCREASED

56 2.3 8.9 22.6 66.3

57 2.4 4.6 19.4 22.7

58 2.2 4.9 18.0 33.1

59 2.7 CONCENTRATION 27.8 NOT APPLICABLE
INCREASED

The net stripping half life of biphenyl was approximately 2.5 hours which would

require 18-37 hours of stripping to reduce the PHA concentration to 2 mg/L biphenyl.
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The net stripping half life ranged from 4.6 to 8.9 in the runs where the diphenylamine

concentration decreased during steam stripping. This would require up to 66 hours of

stripping to produce a product with 10 mg/L diphenylamine. In the other three runs

the diphenylamine concentration increased in concentration meaning it would not be

possible to predict the time required to produce a PHA product <10 mg/L

diphenylamine. The target concentrations of biphenyl and diphenylamine were

chosen to minimize the high boiling organic in the PHA which would minimize the

organic deposition in downstream vessels. The HAN process could not produce a

product meeting these targets without extending stripping time from the five hour

design to at least 50 hours in some batches which would double the overall batch

cycle time.

B. LATE WASH EXPERIMENTS TO MEASURE DECANTER PERFORMANCE

A series of five runs were designed to test the efficiency of the original and new

decanters in the late wash process. The first two runs (runs 60 and 61) were

completed with the new decanter. The next three runs (runs 62-64) were completed

with the old decanter. All late wash runs were completed without liquid recirculation.

Table 6 summarizes the PHA high boiling concentrations for Runs 60-64.

Table 6. High Boiler Concentration In Late Wash PHA

BIPHENYL BIPHENYL DIPHENYLAMINE DIPHENYLAMINE
RUN BEFORE AFTER BEFORE AFTER

6O 41 3 130 15

61 18 4 104 12

62 478 3 146 41

63 302 2 133 23

64 875 4 74 13
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The calculated net stripping half life can be used to predict the stripping time required

to produce a suitable product. Table 7 summarizes the data and predicts the

stripping time required to produce a PHA product of 10 ppm diphenylamine and 2

ppm biphenyl.

Table 7. Net Stripping Half-Life/Predicted Stripping Time In Late Wash

Process

NET STRIPPING HALF-LIFE, PREDICTED STRIPPING TIME,
HOURS HOURS

RUN BIPHENYL DIPHENYLAMINE BIPHENYL DIPHENYLAMINE

60 <1 2.0 <1 7.7

61 <1 1.8 <1 6.3

62 <1 4.0 3.8 15.6

63 <I 2.5 2.4 9.4

64 <1 2.1 4.1 6.4

The net stripping half life of biphenyl was less than one hour which would require

approximately two to four hours of stripping to reduce the PHA concentration to 2

mg/L biphenyl. The net diphenylamine stripping half life averaged approximately two

hours which would require six to ten hours of stripping to produce a product with 10

mg/L diphenylamine. The late wash process produced a product meeting these

targets if the stripping time was increased from the five hour design to 10 hours.

Four of the six late wash runs produced a product approaching this target.
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C. ORIGINAL VERSUS NEW DECANTER TESTING

A new decanter was installed prior to Run 56 and was removed after Run 61. This

decanter was designed to improve decanter extraction performance. The new

decanter design replaced the baffle and down comer section of the decanter with an

open decanter and replaced the organic overflow weir with an organic under flow

arrangement. The design basis for the decanter was to develop a vessel that would 1)

force heavy organics out of the decanter near the organic/aqueous interface, and 2)

remove the down comer section of the decanter. This would allow the fresh benzene

produced during the feed and organic boil sections of the run to replace the heavy

organics that had accumulated in the decanter during the previous run's steam

stripping. Eliminating the down comer was expected to lower the entrainment of

organics in the aqueous during stripping.

The best test of the effectiveness of the new design on "flushing" the high boiling

organics from the decanter is to determine how the concentration in the decanter

changes during the run. Samples are pulled from the organic section of the decanter

and a comparison of the high boiler concentrations from original and new decanters.

For comparison purposes, runs 54 and 55 will be compared to runs 56 and 57. A

summary of high boiler concentrations is summarized in Tables 8 and 9. From this

data it is concluded that the new decanter is much more efficient in "flushing" the

high boiling organics from the decanter during organic boil than the original decanter.

The biphenyl and diphenylamine concentration dropped during runs 56 and 57

although only the biphenyl concentration dropped during run 54. The average

biphenyl concentration drop during feed and aqueous boil was 46% and the average

dipheny!amine concentration drop during feed and aqueous boil was 67%. The ability

of the new decanter to flush high concentrations of high boiling organics from the
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decanter will help prevent the buildup of the high concentrations seen in the original

decanter.

TABLE 8. DECANTER BIPHENYL CONCENTRATION DURING FEED AND

ORGANIC BOIL

Pre-Rom RCD Organic Post-Organic Boil RCD Organic
Run mg/L mg/L % change

54 92,037 83,274 -9.52%

55 57,400 70,841 23.42%

56 69,553 44,793 -35.60%

57 114,879 49,281 -57.10%

TABLE 9. DECANTER DIPHENYl_AMINE CONCENTRATION

DURING FEED AND ORGANIC BOIL

Pre-Rxn RCD Organic Post-Organic Boil RCD Organic
Run mg/L mg/L % change

54 31,874 35,764 12.20%

55 2,454 10,373 322.70%

56 3,628 1,748 -51.82%

57 23,161 3,833 -83.45%

The best test of the effectiveness of the decanter in minimizing entrainment is to

monitor the concentration of the aqueous returning from the decanter to the PR. The

lower the concentration of high boilers in the decanter aqueous return, the better the

decanter extraction efficiency. For comparison purposes, run 51 will be compared to

run 56. A summary of the aqueous return high boiler concentration is summarized in
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Figure 2. From this data it is concluded that the new decanter is approximately equal

to the original decanter in extracting the high boiling organics from the aqueous.

FIGURE 2. HIGH BOILING CONCENTRATION IN AQUEOUS RECYCLE
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Appendix A. HAN Flowsheet Details
/

The Precipitate Hydrolysis Process has undergone several revisions since the ori_inal process

demonstrated in the PHEF. The Precipitate Hydrolysis Process developed for nitrite levels less

than 0.04 M did not use HAN in its flowsheet [7].

:,

The HAN Precipitate Hydrolysis Process was developed to process precipitate slurry with soluble

nitrite levels up to 0.18 M [8]. The Initial process demonstrations of the HAN Precipitate

Hydrolysis in the PHEF resulted in fouling of the Precipitate Reactor (PR) with organic high

boilers (e.g. diphenylamine, biphenyl). Bench-scale studies were undertaken to develop process

conditions that would minimize the production and accumulation of organic high boilers.

The revised HAN Precipitate Hydrolysis Process developed using the bench-scale studies has been

demonstrated at the PHEF. Reduction of nitrite by HAN and hydrolysis of TPB by formic acid,

quantification of the Precipitate Reactor off gases, and the production of high boiling organic

compounds and the accumulation of these organics within the process are discussed elsewhere [9].

The amount of formic acid and HAN charged to the PR are based on an analysis of the precipitate

' slurry and the batch size. The amount of formic acid used is 125% of the stoichiometric

requirement of the hydrolysis reaction plus the amount required to neutralize the hydroxide and

carbonate. The amount of HAN charged is 200% of the stoichiometric requirement of the reaction

with nitrite. The PR cycle parameters are listed in Table 10.
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TABLE 10. HAN FLOWSHEET PR .U-YcLE PARAMETERS AND CONDITIONS
._.,,,,.,'"'"

,_.

Parameter/Cg.n_igion _ / Units

" " HAN/NO2 Molar Ratio 2.0..
,.

....... Formic Acid/TPB Molar Ratio 1.25

Residual Aqueous Heel 18.9 (5) L (gal)

Pre-Reaction Heel Volume 1,210 (320) L (gal)

Precipitate Slurry Addition Volume 2,730 (720) L (gal)

Target Feed PR Liquid Temperature 328 (55) K (°C)

Feed PR Nitrogen Purge 40.8 (90) kg/h (lbm/h)

Target N20 level (50% of MOC) 10 vol%

Post feed copper concentration 400 m_/kg

The nitrite reduction reaction, which is nearly instantaneous, is limited by the precipitate slurry feed '

rate. A product of the nitrite reduction is nitrous oxide, which in addit.on to benzene from

hydrolysis provides the oxidant and fuel for a flammable mixture. The PR is purged wxth

nitrogen, which is a diluent for flammability control. "Ihe total oxidant (nitrous oxide and oxygen

from air in leakage) concentration is maintained below the Minimum Oxidant Concentration (MOC)

of combustion. The MOC of benzene by nitrous oxide in nitrogen, with an allowance of 2 vol%

oxygen, is 19.7 vol% [91.

The Process steps listed below summarize the HAN Process Precipitate Reactor Operation:

1. The precipitate slurry is pumped from the Slurry hold tank into the Precipitate Hold

Tank.

2. Formic acid is charged to the Precipitate reactor, followed by hydroxylamine nitrate

(HAN). These additions are based on the precipitate slurry compositions in the PHT and

the batch size. The organic Evaporator (OE) aqueous heel remaining at the completion of

the last evaporation cycle is then transferred to the Reactor via the PRCD. Process water is

added to ensure coverage of the PR coils, the reactor contents are sampled and analyzed to

verify correct addition of HAN and formic acid.

Page A- 2



WSRC-MS-92-267

3. The reactor heel is heated to the nitrite destruction temperature (55± 5°C). Prior to start of

feeding, the inert purge is increased to ensure that a flammable mixture is not generated in

the PR or the vessel vent system. Feeding from the PHT to the PR is started at a rate

dependent on the inert purge rate and the slurry nitrite concentration [10].

4. After the completion of feeding, and completion of the post-HAN purge cycle, copper

catalyst is added to the reactor while maintaining a reduced inert purge rate, in order to

minimize benzene emissions to the atmosphere. However, the catalyst should not be

added until the N20 concentration is less than 0.5 vol%.

5. The Inert purge is increased to dilute the expected "spike" emission of N20, and heating of

the reaction mixture is started.

6. Distillation of benzene to the PRCD begins at a temperature of about 70 to 75°C. additional

nitrous oxide is also evolved during this period. In the PRCD, the condensed organic and

aqueous phases are separated, the aqueous phase is continuously recycled to the PR, while

the organic phase overflows to the OE.

7. Heating continues to the aqueous boiling temperature (about 100°C). The inert purge is

reduced to the minimum permitted by the nitrous oxide concentration and air in leakage, in

order to minimize benzene in the vessel vent system and emission to the environment.

8. Recirculation of the organic phase collected in the OE to the RCD is initiated at the start of

aqueous boiling, to assist in the extraction of high boiling aromatic compounds into the

organic phase.

9. Aqueous boiling continues until at least 2000 lbs of steam has been fed through the PR

steam coil to complete the hydrolysis reactions and to steam strip organic high boilers from

the aqueous product.

10. After completion of aqueous boiling, the PR contents are cooled to 50°C.

11. The PR contents are sampled to verify aromatic carbon removal. Transfer to the aqueous

Hold Tank is initiated upon confkrmation that aromatic carbon removal and Phenylboronic

acid and HAN concentrations are within limits.
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After the PR cycle, a batch extraction of the organic condensate using water is performed to

simulate extraction of entrained radioactive cesium. In DWPF, this procedure will be necessary to

ensure the radioactivity of the organic product is less than 1000 disintegrations/min/cm 3 (1.7E-6

c-trie/gal). The Process steps listed below summarize the Organic Evaporator cycle:

1 Process water is added to the OE to bring the total volume (water and organic condenzate)

to 379 L (100 gal). The mixture is typically 70 vol% water and 30 vol% organic and

agitated before heating begins.

2 The OE is heated with 113 kg/h (250 lbs/hr) to boiling and distilled into the Organic

Evaporator Condenser Decanter (OECD). Similar to the PR-RCD operation, the OE offgas

passes through the Evaporator Condenser Decanter, which is nearly identical to the RCD.

The aqueous condensate returns to the OE and the organic condensate flows to the Organic

Hold Tank (OHF). The organ'ic solution coUected in the OHT may be recirculated to the

ECD.

3. Aqueous boiling continues until 454-1134 kg (1000-2500) lbs of steam has been fed

through the OE steam coils to steam strip the high boilers from the OE aqueous.

4. After completion of the OE cycle, the OE aqueous is recycled to the PR prior to the

subsequent batch, the collected organic phase in the OHT is drummed out as necessary for

dasposa! at the incineration site.

The vapor outlet of the RCD and ECD are routed to the Vent Condenser (VC) which is a vertical

shell and tube heat exchanger. The VC vapor outlet is cooled to 10-15 °C by chilled water which

minimizes emissions. The VC vapor outlet leads to a set of two centritugal blowers in parallel that

are used to maintain sub atmospheric pressures in the PR and OE. The condensate from the VC

drains to the OE.
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Appendix B. Late Wash Flowsheet Details

The current process (Late Wash Process) was developed for nitrite levels less than

0.01 M and does not use HAN [10]. The amount of formic acid and copper catalyst

charged to the PR are based on an analysis of the precipitate slurry and the batch

size. The amount of formic acid used is the stoichiometric requirement of the

hydrolysis reaction plus the amount required to neutralize the hydroxide and

carbonate, plus 0.25 molar excess formic acid. The amount of copper catalyst

charged is the amount to produce a product of 950 ppm copper. The late wash

parameters and conditions are summarized in Table 11.

TABLE 11. LATE WASH FLOWSHEET PR CYCLE PARAMETERS AND

CONDITIONS

Parameter/Condition Target / Units

Formic Acid 1.25 L (gad

Copper Catalyst 2.9 (6.4) kg(lb)

Residual Aqueous Heel 18.9 (5) L (gal)

Pre-Reaction Heel Volume 1,020-1,210 (270-320) L (gal)

Precipitate Slurry Addition Volume 2200-2,730 (560-720) L (gal)

Target Feed PR Liquid Temperature 363 (90) K (°C)

Feed PR Carbon Dioxide Purge 22.7 (50) kg/h (lbm/h)

PHA copper concentration 950 m_/_

The Process steps listed below summarize the Late Wash Process Precipitate

Reactor Operation:

1. The precipitate slurry is pumped from the Slurry hold tank into the Precipitate

Hold Tanl_
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2. Formic acid is charged to the Precipitate reactor, followed by copper catalyst.

These additions are based on the precipitate slurry compositions in the PHT and the

batch size. The organic Evaporator (OE) aqueous heel remaining at the completion

of he last evaporation cycle is then transferred to the Reactor via the PRCD.

Process water is added to ensure coverage of the PR steam coils. The reactor

contents are sampled and analyzed to verify correct addition of formic acid and

copper catalyst.

3. The reactor heel is heated to the feed temperature (90 + 5°C). Prior to start of

feeding, the inert purge is increased to ensure that a flammable mixture is not

generated in the PR or the vessel vent system. Feeding from the PHT to the PR is

started at 6 gpm.

4. After the completion of feeding, the PR temperature remains at 90°C for five

hours. The inert purge is reduced from 50 lb/hr to 0.8 lb/hr fii_een minutes after the

hold cycle begins in order to minhnize benzene in the vessel vent system and emission

to the environment.

5. Heating continues to the aqueous boiling temperature (about 100°C).

6. Aqueous boiling continues until at least 2000 lbs of steam has been fed

through the PR to steam strip organic high boilers from the aqueous product.

7. After completion of aqueous boiling, the PR contents are cooled to 50°C.

8. The PR contents are sampled to verify aromatic carbon removal. Transfer to

the aqueous Hold Tank is initiated upon confirmation that aromatic carbon removal

and Phenylboronic acid concentrations are within limits.

ADDITIONAL REFERENCES FOR APPENDIX B

10 J.C. Marek, C. J. Bannochie, and R. E. Eibling, "Acid Hydrolysis of Irradiated

Tetraphenylborateslll", AIChE 1993 Summer National Meeting, Seattle,

Washington, August 25-18. 1993.
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Appendix C. Decanter Details

The interface level between the organic and aqueous is controlled by the height

difference between the organic and aqueous weirs. The weir height difference is

fabricated to maintain approximately 50% organic and 50% aqueous in the decanter.

Excess aqueous overflows and returns to the PR. Excess organic overflows and

returns to the OE. Any cesium or strontium that reaches the RCD will be returned to

the PR because of the high solubility of cesium and strontium in the aqueous relative

to the organic phase.

The decanter is a batch process which has two very different purposes. (1) During

feed, hold, and organic boil (72"C), benzene is generated, vaporized, condensed and

decanted (separation of a stream into two liquid phases using the force of gravity)

from the aqueous in the decanter. The organic is rich in benzene during these periods

since the high boiling organics have much lower vapor pressures than benzene.

Approximately 50 gallons of benzene is generated each rtm versus approximately 15

gallons of decanter organic inventory. (2) During aqueous boil (100"C for five hours),

the high boiling organics are steam stripped from the reactor to the RCD and

extracted by the decanter organics. The extraction is a maximum one equilibrium

stage. The steam stripping/extraction continues for five hours to minimize the

concentration of high boiling organics in the aqueous product.

PRINCIPLES OF ORIGINAL AND NEW DECANTER

The original decanter design is shown in Figure 3. The condensate from the condenser

drops from the condenser tubes, which are arranged in a doughnut shape at the outer

1/3 of the condenser body, into the decanter. The condensate drops onto the baffle

plate or directly into the down comer section of the decanter. The down comer

extends vertically six inches into the organic layer. The organics are extracted or
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decanted in the organic layer and overflow from the organic weir to the OE. The

aqueous is decanted from the organic, overflows from the aqueous weir to the PR [11].

Figure 3. Current Decanter Operation

Aqueoul
underflow

baffle

The new decanter design is shown in Figure 4. The condensate from the condenser

drops from the condenser tubes, which are arranged in a doughnut shape at the outer

1/3 of the decanter body, into the decanter. The condensate drops directly into the

organic layer since there is no baffle or down comer. The organics are extracted or

decanted in the organic layer, are removed near the organic/aqueous interface, and

overflow from the organic weir to the OE. The aqueous is decanted from the organic,

overflows from the aqueous weir to the PR [12]. Stops were fabricated to allow the

installation of packing or a coalescing element in the organic layer to improve mixing

and coalescing in the decanter.
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Figure 4. New Decanter Concept
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EARLY DECANTER OPERATING DIFFICULTIES

Problems were detected during the first fourteen runs with the original decanter [13].

High boiling organics were concentrating at the organic/aqueous interface, being

entrained in the aqueous and returned to the PR. This decreased the extraction

efficiency of the decanter well below the original design. A modification was made to

the decanter by cutting off 11 inches from the feed under flow weir of the decanter.

This modification was designed to minimize entrainment of organics in the aqueous by

not forcing the organics to pass through the aqueous layer before leaving the

decanter. Insufficient data is available to make an appropriate comparison of runs

before and after this decanter modification.

This modification did not adequately improve decanter performance. Over a series of

runs, high concentrations of high boiling organics continued to be entrained in the

aqueous returning to the PR. A task team was put together to develop strategies to

improve decanter performance [14]. A number of concepts were tested including
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organic liquid recirculation and organic vapor recirculation. Recirculation of organic

liquid from the OE to the RCD decanter was most effective in improving extraction

efficiency and minimizing entrainment [15].

Organic liquid recirculation is believed to improve decanter performance by 1) diluting

the high boiling organic concentration in the decanter, 2) minimizing entrainment by

minimizing the buildup of high boiling organics at the organic/aqueous interface, and

3) increasing extraction efficiency by improving the mixing between the aqueous and

organic phases. The residence time for both the aqueous and organic phase is

approximately fifteen minutes with organic recirculation. Without recirculation, the

organic residence time is the time between one run and the next (generally two - six

weeks) since virtually all the benzene has been produced and vaporized by the start

of aqueous boil.

After operational problems were discovered in a downstream process (IDMS) related

to the high boiling organics from the PHA [16], the task force looked into a new

decanter design. The task team's charter was to improve decanter performance

within the already built DWPF facility. The team redesigned the decanter in an

attempt to improve the removal of high boiling organics from the decanter. The new

decanter design forces the organic to exit the decanter near the aqueous/organic

interface and improves the flushing of high boiling organics from the decanter [17].

DECANTER PROBLEMS

Experience shows that the long term performance of the decanter deteriorates over

time because of the buildup of high boiling organics in the decanter from run to run.

As the high boiling organic concentrations increase, the aromatic content in the

organic starts to approach solubility limits, and the extraction efficiency of the
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decanter decreases. The solubility of biphenyl and diphenylamine in benzene are

listed in table 12 [18].

TABLE 12. DIPHENYLAMINE AND BIPHENYL SOLUBILITY IN BENZENE

Temp, Diphenylamine Biphenyl

°C Solubility, wt % Solubility, wt %

0 52.5 8.1

28 73.5 26.1

40 80.6 43.2
i i,i

A problem encountered in allowing the batch decanter to sit for long periods between

runs is that the higher density organics concentrate near the organic/aqueous

interface. Fragments of organic can be trapped on the aqueous side of the interface as

a fine "secondary dispersion" [19]. The high boiling organics also have a higher

specific gravity than benzene (diphenylamine 1.16 @22°C [20], biphenyl 0.9939

@70"C [21]) so they tend to drop to the bottom of the decanter once their solubility is

exceeded. These high boiling organics will be returned to the PR at the beginning of

stripping during the next run.

During the initial HAN Precipitate Hydrolysis Process demonstrations, severe loss of

heat transfer across the PR cooling coil was observed. The PR cooling coil heat

transfer coefficient for the first batch was 1,170 kJ/h®m2oK (57 BTU/hroi_2o°F) and

decreased with each successive batch [22]. The cooldown time for the fourth and

final run was about 12 hours. A heavy accumulation of tarry residue, especially on

the cooling coil, was observed upon inspection of the PR interior. The tarry residue

was determined to consist of an array of aromatic organic compounds (e.g.

diphenylamine, biphenyl), sodium titanate, and water.
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As the high boiling organics accumulated in the flame arrestors and obstructed the

vessel vent flow, the vessel vent control system could not maintain the reactor

pressure below the interlock level (0.0 inwc). The sample of solids collected from the

flame arrestors during various runs were mainly diphenylamine and biphenyl. After

run 46 all the flame arrestors were replaced by spool pieces except the OE vapor exit

and SCVC vapor exit.

The IDMS SRAT/SME process simulations have indicated the organics accumulation

in the MWWT (Mercury Wash Water Tank), the SRAT vessel vent header, and the

sample lines from the vessel to the analyzer house.
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