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ABSTRACT

The interfacial drag, droplet entrainment, and droplet size distributions

are important for detailed mechanistic modeling of annular dispersed two-phase

flow. In view of this, recently developed correlations for these parameters

are presented and discussed in this paper. The drag correlations for multiple

fluid particle systems have been developed from a similarity hypothesis based

on the mixture viscosity model. The results show that the drag coefficient

depends on the particle Reynolds number and droplet concentration. The onset

on droplet entrainment significantly alters the mechanisms of mass, momentum,

and energy transfer between the film and gas core flow as well as the transfer

between the two-phase mixture and the wall. By assuming the roll wave entrain-

ment mechanism, the correlations for the amount of entrained droplet as well

as for the droplet size distribution have been obtained from a simple model

in collaboration with a large number of data. The comparison of the correla-

tions to various data show satisfactory agreement.



NOMENCLATURE

A. Projected area of a particle

a^ Interfacial area per unit volume

Bd Volume of a particle

C_ Drag coefficient

D Droplet diameter

D Dlmensionless hydraulic diameter given by Eq. (5)

D, Hydraulic diameter

D Maximum droplet diameter
max

D Mean droplet diameter defined by Eq. (17)
TUB
D Volume median droplet diameter
vm

E Fraction of liquid flux flowing as droplet (» j , /jf)

E . Theoretical upper limit of E

E^ Equilibrium value of E

F_ Drag force

F Virtual mass force

f(D) Number density distribution function

g Acceleration due to gravity

j. Volumetric flux of total liquid (superficial velocity)

j f f Volumetric flux of liquid film

if Volumetric flux of droplets

j Volumetric flux of gas

j Dimensionless gas flux given by Eq. (3)

M., Interfacial force for a dispersed phase

Mik Interfacial force for k phase

a . Exponent



N, Number density of dispersed phase

N Viscosity number

n Exponent

p. Pressure of k phase

Ref Total liquid Reynolds number defined by Eq. (A)

Reff Film Reynolds number defined by Eq. (10)

Re Gas Reynolds number (• p j D./u )
g g g h g

r, Particle radius
d

r Sauter mean radius
stn

t Time

v Velocity of continuous phase

v. Velocity of dispersed phase

v., Interfacial velocity

v. Velocity of k phase

v Relative velocity

Wf Total liquid mass flow rate

W. Droplet mass flow rate

We Weber number for entrainment defined by Eq. (8)

y Parameter defined by Eq. (16)

z Axial distance from inlet

Greek Symbols

a, Void fraction of dispersed phase

a. Void fraction of k phase

T. Mass source of k phase

A Volume fraction oversize

C Dimensionless distance

u- Viscosity of liquid



u Viscosity of gas

u Mixture viscosity
in

£ Parameter In Eq. (21)

Ap Density difference

p Density of continuous phase

p Density of gas

p. Density of liquid

p. Density of k phase

a Surface tension

t. Average viscous stress for k phase

T. Turbulent stress for k phase

T. Interfacial shear stress



I. INTRODUCTION

In predicting two-phase flow transients, the iticerfacial transfer terms

are among the most essential factors in the modeling. The interfacial trans-

fer terms in a two-fluid model specify the rate of mass transfer, momentum

exchange, and heat transfer at the interface between phases. In annular two-

phase flow, the droplet entrainment from a liquid film by a streaming vapor

core flow is of considerable practical importance for heat and mass transfer

processes. The onset of droplet entrainment significantly alters the mecha-

nisms of mass, momentum, and energy transfer between the liquid film and core

flow as well as the transfer between the mixture and the wail.

In order to accurately predict a number of important physical phenomena

in annular-dispersed flow and in a post-dryout regime, an understanding of

the mechanisms of the entrainment and accurate correlations for the onset of

entrainment and amount of entrainment are essential. Furthermore, the drag

correlation for a multiparticle system and a droplet size or size distribu-

tion are important in determining the heat and momentum transfer between the

droplets and vapor. In particular, the dryout and post-dryout heat fluxes

[1-3] and the effectiveness of the emergency core cooling systems in light

water reactors [4,5] are significantly affected by the amount and size of

droplets which can be entrained in vapor. However, the usefulness of accu-

rate correlations for entrainment, drag force and droplet size are not lim-

ited to these special cases mentioned above. General thermohydraulic predic-

tions in annular two-phase flow can be significantly improved by a reliable

method of calculating these parameters. In view of their essential importance

for the two-fluid model formulations [6-13], which are based on two sets of

conservation equations of mass, momentum and energy of each phase, the



constitutive relations for droplet entrainment, drag coefficient and droplet

size are discussed in detail and practical correlations are recommended in

this paper.



IX. ENTRAINMENT

In a system where a liquid film flow along the wall with a gas phase

flowing over it, several hydrodynamic transitions leading to entrainment of

some of liquid as droplets are possible [14-^16]. At certain relative veloc-

ity interfacial waves appear and as the relative velocity is increased these

dynamic waves can transform to large amplitude roll waves which propagate in

one direction. At the roll wave transition or at a slightly higher gas veloc-

ity, the onset of entrainment has been observed. Detailed reviews of exper-

imental and analytical work on the inception of liquid entrainment have been

presented by Zuber [17], Wallis [18], Hewitt and Hall-Taylor [15], Kutateladze

[19], and Ishii and Grolmes [20].

There are several different entrainment mechanisms [15,20], and it has

been observed that the onset of entrainment can depend on the flow directions.

By considering these possibilities detailed criteria for onset of entrainment

have been developed [20]. For the annular flow of low viscous fluids such as

water or sodium, the entrainment mechanism based on the shearing-off of roll

wave crests is the predominant mode (see Fig. 1). The onset of entrainment

occurs when the retaining force of surface tension is exceeded by the inters

facial shear force exerted by the streaming gas flow. This inception cri-

terion is given in a nondimensional form by

> u. 7 8 N°.8 Re^
3 (1)

f ~~ U

where the viscosity number is given by N = nf/(p OJ ̂o/g&'p) ' and the liquid

Reynolds number by Ref = pfjfDn/|if. Furthermore, there is a rough turbulent

regime where the critical gas velocity is independent of the liquid Reynolds

This regime occurs for Re. > 1635,



The above criterion is compared to experimental data in Fig. 2. Although

there are considerable scattering of data around the criterion, mainly due to

different techniques used for different data and also due to the inclusion of

data for highly viscous fluids, the overall trend is well predicted.

The important parameter concerning the entrainment is the amount of liq-

uid flowing as droplets. This can be considered in terms of the fraction of

liquid flux entrained which is defined by

Wf 3f

where W- , Wf, j , and j_ are droplet mass flow rate, total liquid mass flow

rate, droplet volumetric flux, and total liquid volumetric flux, respectively.

Faleev and Filipovich [21], Wallis [22], and Wicks and Dukler [23] have pre-

sented correlations based on experimental data.

Recently a more accurate correlation [24] has been proposed based on a

simple model and a number of experimental data. The model is obtained by

considering the mechanism of shearing-off of roll wave crests by streaming

gas flow. First, starting from a force balance for the onset of entrainment,

the theoretical limit of entrainment E . is calculated from Eq. (1). This

limit is obtained by assuming that the excess liquid beyond the onset of en-

trainment is completely entrained. Thus the film Reynolds number satisfies

Eq. (1) rather than the total liquid Reynolds number. It is expected that

this limit E . is much larger than the actual fraction of entrainment, E.

However, proper dimensionless parameters can be obtained from this limit.

Furthermore, by considering the effect of increased inertia of gas core

flow due to the existence of droplets and the effect of droplet deposition,

basic dimensionless parameters have been identified. It has been found that



the fully developed entraiiunent depends on three dimensionless groups given

by

Dimensionless Gas Flux

Total Liquid Reynolds Number

>:

Re,

2 \t

pfjfDfc

2/3-1 174
(3)

(4)

Dimensionless Diameter (5)

The entrained fraction reaches a quasi-equilibrium value, E M, at points

far removed from the tube entrance where the entrainment and deposition proc-

esses attain an equilibrium condition. The distance necessary to reach this

condition is given approximately by

(6)

for cases with smooth liquid injection as a film. At this entrance length

the entrainment has reached within about 2% of its ultimate value. Then for

/ *
the region z > 600 D, *J j /Re. the correlation becomes

E - E = tanh (7.25 x 10"7 j * 2 * 5 D*1"25 Re°*25)
o> Jg f

Now an effective Weber number can be defined as

(7)

W =
e a ft)1/3

(8)

where (Ap/p ) stands for the effect of increased inertia of gas core flow



due to droplets. Then the entrainment fraction becomes

E - tanh (7.25 x 10~7 W 1* 2 5 Re?*25) . (9)
<» e f

It is noted that the above expression is given in terms of the Weber number

and total liquid Reynolds number. As can be seen here, if the Weber number

is used, the significant length scale is D, . Then the Taylor wavelength

scale, ycr/gAp, which is the standard length scale for interfacial phenomena,

does not appear in the correlation.

The film Reynolds number Ref_ is defined by

pr'

where jet *s ^ne liquid film volumetric flux. Thus it satisfies j , » j , , +

j , . Then from definitions

Re£f - Ref (1 - E j . (11)

By substituting Eq. (11) irito Eq. (9), the equilibrium entrainment fraction

can be resolved in terms of the Weber number and the film Reynolds number.

Then it can be shown that

E « 7.75 x 10"7 W1*25 Re?!25 (12)
oo e f f

for a wide range of E^ from 0 to 0.97. The correlation given by Eq. (7) has

been compared to many experimental data for air-water systems in the ranges

of 1 < p < 4 atm, 0.95 < I>h < 3.2 cm, 370 < Re f < 6400, and j < 100 m/sec,

and the result has shown to be satisfactory (see Fig. 3 ) . The various para-

metric dependencies have been explained in terms of physical mechanisms and

information obtained from the onset of entrainment criterion developed pre-

viously.



Some experimental data indicated the strong entrance effect as well as

the gas expansion effect due to the axial pressure drop in a low pressure

system. For the correlation development it was essential to use a local gas

velocity or volumetric flux based on a local pressure in evaluating data. By

separating these two effects, an additional correlation for the entrance ef-

fect on entrainment have been developed. As mentioned above, the entrance

region is given by 0 < z < 600 D. yj j /Re, for cases with smooth liquid film

injection. The correlation takes a typical form of an exponential relaxation,

and it essentially reaches the quasi-equilibrium value given by E for large

values of z, thus

Here r, is the dimensionless distance given by

A number of data from the entrance region have been successfully corre-

lated by this expression. This inclusion of entrance effect in the correla-

tion is a significant improvement over the conventional correlations for the

entrainment fraction [15,21-23]. From Eq. (13), it can be observed that the

fraction of liquid in the entrance region can be significantly smaller than

that in the fully developed regime, if the liquid flow starts as a film flow

at the entrance. The distance necessary to reach the approximate equilibrium

condition is given by Eq. (6). For example, at a typical condition of j =

40 and Ref = 3000, this entrance region is about 70 D iong.



III. DROPLET SIZE AND SIZE DISTRIBUTION

The mean droplet size and size distribution are important for detailed

mechanistic modeling of annular two-phase flow. A large number of experi-

mental data indicate that the standard Weber number criterion based on the

relative velocity between droplets and gas flow predicts £at too large drop-

let sizes. Therefore, it was postulated that the majority of the droplets

were generated at the time of entrainment and the size distribution was the

direct reflection of the droplet entrainment mechanism based on roll-wave

shearing-off. A detailed model of the droplet size in annular flow was then

developed based on the above assumption [25]. The correlations for the volume

mean diameter as well as the size distribution were obtained in collaboration

with a large number of experimental data. A comparison with experimental

data indicated that indeed the postulated mechanism has been the dominant

factor in determining the drop size. Furthermore, a large number of data

can be successfully correlated by the present model.

In terms of the volume, median diameter, the correlation is given by

And the average maximum droplet size is

p \ -l/3/u\ 2/3fc) ft)
The'distribution is given in terms of the volume fraction over size A and the

upper limit log-normal distribution function as

dA 0.884 -0.781y2

dy ~W~



where y - In [2.13 D/(Dj|ax-D)J. Figure 4 shows that a large number of data

on drop size distributions can be well correlated by Eq. (16).

The above correlation for the droplet size distribution implies that the

distribution can be uniquely determined by knowing the volume median diameter.

Equation (14) shows that the median diameter is a function of the gas and liq-

uid fluxes. It is noted that this correlation has been developed by consid-

ering the hydrodynamic effects only. In a condensing or evaporating system

drop sizes can change due to phase changes. However, the coalescences or

disintegrations of droplets should not play a major roll in annular-dispersed

flow due to the relatively small sizes of these droplets.

The droplet size distribution predicted by the present correlation indi-

cates the existence of a large number of very small droplets. These droplets

are much smaller than the size predicted by the standard Weber number criter-

ion based on the relative velocity between the droplet and vapor. This re-

sult has a significant implication in terms of the vapor superheat and post-

dryout heat transfer. A number of small droplets give large interfacial area

between the liquid and vapor phases. Therefore, the thermal nonequilibrium

should not be very significant. In such cases, these small droplets act as

a heat sink due to evaporation, hence it tends to increase the post-dryout

heat transfer.

Depending on the transfer mechanisms, several different weighed mean

diameters are important for practical applications. By knowing the size dis-

tribution, the generalized weighted mean diameter defined below can be cal-

culated .
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tun

v

Jo

Dnf(D)dD

D
.max

Dmf(D)dD

1
n-m

(1?)

where f(D) is a number density distribution function and related to the vol-

ume oversize function as follows

f(D)
dD

(18)
max

h%dD
D 3 d D

The calculated ratio of various mean diameters and D or D are listed in
vm max

Table I.
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III. DRAG COEFFICIENT FOR DISPERSED FLOW

The relative velocity between the vapor core flow and droplets is de-

termined by the interfacial drag force. The phase momentum equation of the

two-fluid model in a 3-dimensional form [6,26] is given by

Vk'k ++ t
— — + V • (OfcPj^j^) - - ofcVpk + V • afc(Tk + xfc)

+ a. p, g + v, .T, + M.. - Va, • T . . (19)

Here a, , p., v, and p, are the void fraction, density, mass weighted mean

velocity and pressure of k-phase. Whereas T., M., , v.. and T. are the mass

generation, interfacial drag, interfacial velocity and interfacial shear

stress, respectively. The conservation of total momentum requires

T, 5 ± k = 0 (20)

which is the average momentum jump condition.

By neglecting the lift, force due to rotations of particles and the dif-

fusion force due to concentration gradient, we may model the generalized drag

force for a dispersed phase by a simple model [27] such as

| £ f& f1
where Fn, B,, F and p are the standard drag force, volume of a typical par-

ticle, virtual mass force, and mixture viscosity, respectively. The last term

is the Basset force due to the transient development of a boundary layer devel-

opment. The standard drag acting on the particle under steady-state conditions

can be given in terms of the drag coefficient Cn as
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where A. is the projected area of a typical particle and v is the relative

velocity given by v « v. - v .

In terns of the weighted mean diameter defined by Eq. (17), A* for

spherical droplets becomes

Ad - ir 5
2
Q/4 . (23)

However, from Eq. (22)

By denoting the number density by N,, one gets

°d " NdBd - (25)

where

Bd " "3 w \ 2 / * *26)

On the other hand, the interfacial area concentration a. can be given by

ai " NdAi (27)

where

Â  « 4ir l -£-) . (28)

Therefore, i t can be shown that

20
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However, by definition

532 " 3 T " 2 rsm
20

where T).. Is the Sauter mean diameter.

In view of the above relations, the standard drag force can be expressed

as

(3D

And the interfacial area concentration a, by

a± - 6 ad/D32 . (32)

The Sauter mean diameter D,- can be related to the volume median diameter or

max diameter as shown in Table I, thus

5,_ = 0.796 D = 0.254 D (33)
32 vm .. max

where D is given by Eq. (14) for droplets in annular-dispersed flow.

The drag correlation for a single-particle system depends not only on

the flow regimes but also on the nature of the particles, i.e. solid parti-

cle, drop or bubble. Therefore, for a multiparticle system these differences

are also expected to play central roles in determining the drag correlation.

In the present study, the multiparticle drag correlation is developed in par-

allel with the single-particle system by considering the following flow re-

gimes :

Viscous regime
Solid-particle system

Newton's regime



Fluid-particle system
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Viscous regime
(Undistorted-particle regime)

Distorted-particle regime

Churn-turbulent-flow regime

Slug-flow regime

In the viscous regime, distortions of fluid particles are negligible.

Therefore, for this regime, solid- and fluid-particle systems are considered

together. The other flow regimes are analyzed separately because of signifi-

cant differences in the flow around the particles and the motions of the in-

terfaces. A detailed analysis of the two-phase drag coefficient is already

reported in Ishii and Chawla [27].

Table II summarizes the present drag coefficient in various flow regimes.

Their dependence on the Reynolds number and particle concentration are shown

in Figs. 5-10. Since these correlations are obtained from the assumed similar-

ity hypothesis, their validity should be tested against experimental data.

In a multiparticle system, a drag force cannot be measured directly under

normal conditions. Therefore, considerable care should be taken in these

comparisons. >

The comparison of the theoretical predictions to over 1000 experimental

data in terms of the relative velocity indicated that satisfactory agreements

could be obtained at wide ranges of the particle concentration and Reynolds

number [27]. For spherical solid-particle systems, the data from the Stokes

regime up to the Newton's regime within the concentration range of 0-0.55 were

examined. For fluid-particle systems, the distorted-particle ard churn-

turbulent regimes were extensively studied because of their practical impor-

tance. The success of the present correlation at up to the highest concen-

tration range for spherical-solid-particle systems was accomplished by the
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introduction of the maximum packing in the mixture-viscosity relation. This

was a definite improvement over the existing correlations. It is also noted

that the present model was sufficient up to the foam or dense-packing regime

with the concentration ranging from 0.5 to 0.95 for both bubbly and droplet

flow. These comparisons indicated that the postulated drag-similarity law

based on the mixture-viscosity concept was appropriate. Therefore, the drag

law governing the motions of bubbles, drops, and particles in various dis-

persed two-phase flows can be explained by a unified and consistent model

developed under the present study.

The present correlation for the drag coefficient for multiparticle sys-

tems has been developed from the steady-state and adiabatic formulation. It

was postulated that the transient effect on the momentum-exchange term could

be taken into account by an essentially linear constitutive relations. There-

fore, it was indirectly assumed that the standard drag coefficient developed

in the analysis could also be used under transient conditions. The additional

interfacial forces due to the inertia effect and development of a boundary

layer in transient flow are considered separately.

The phase change at the particle surface contributes to the interfacial

momentum transfer in two different ways. There is a direct effect of momen-

tum carried by the mass undergoing phase change, as can be seen from the mo-

mentum equation. Changing particle size or shape due to phase change and

modifying the boundary layer around the particles by additional mass flux

normal to the surface may affect the standard drag coefficient. However, the

effects of heat transfer and phase changes are considered as secondary in

the present analysis. These effects appear only indirectly through the local

variables such as the void fraction, particle sizes, and component velocities.

To assess the significance of the phase change effect on the drag coefficient

apparently requires further experimental and analytical studies.
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IV. SUMMARY AND CONCLUSIONS

The interfacial transfer terms for annular two-phase flow have been

studied in relation to the two-fluid model formulation. In particular, the

hydrodynamics of annular flow related to entrainment, droplet size and size

distribution, and particle drag coefficient have been analyzed based on sim-

ple models. From these hydrodynamic models in collaboration with a number of

existing data practical correlations have been developed.

By considering an entrainment mechanism of shearing-off of roll-wave

crests by streaming gas, the onset of entrainment was obtained from a force

balance at the wave crests. Then the correlation for the entrainment frac-

tion has been developed by considering the force balance and effect of depo-

sition. Here the basic dimensionless parameters have been identified from

the theoretical maximum amount of entrainment which can be obtained from the

onset of entrainment criterion.

A large number of experimental data indicated that the standard Weber

number criterion based on the relative velocity between droplets and gas flow

predicts far too large drop sizes. Hence it was postulated that the majority

of drops were generated at the time of entrainment and the size distribution

was determined by the entrainment mechanism. A detailed model of the drop

size in annular flow was developed from a force balance at the wavy interface.

Comparisons of the present correlations with a number of data indicated

that indeed the postulated mechanism of entrainment and droplet generation

was correct. Therefore, the correlations for onset of entrainment, amount of

entrainment and droplet size and size distribution have boen successfully

developed from a consistent model based on a force balance during shearing-

of f of roll-wave crests by streaming gas. flow.
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Table I. Various Mean Diameters

""^"--^^^ Ratio

Mean Diameter "-^^^

Linear Mean Diameter Din

Surface Mean Diameter D2_

Volume Mean Diameter D,_

Sauter Mean Diameter D ^

Volume Median Diameter D
vm

Mean Diameter

n
vm

0.313

0.409

0.510

0.796

1

Mean Diameter

TJ
max

0.100

0.131

0.163

0.254

0.320



TABLE II. Local Drag Coefficients In Mul^iparticle Systea

Fluid Particle System
Bubble In Liquid 1 Drop lr. Liquid I Drop In Gas Solid Particle Systc

Viscosity Model Us .3LV
"dm/

Max. Packing o. 0.62 0.62

0.4 0.7

Stokes Regime (L. CD- 24/NRe where N R e
N>

Viscous Regime C_ CD - 24 (1 + 0.1 \e°'7S)/\e

Newton's Regime CT

Distorted Particle
Regime CL

Churn-Turbulent
Flow Regime CD

Slug Flow

f(a d )

18.67

( l -a d ) 2 « 2 5

C - iCD" 3

9.8

- 0.45J

where

f(ad) -

-i- 17.67[f (u

18.67 f(ad)

\2
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Fig. 1. Roll Wave Entrainment Mechanism
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Fig. 3. Comparison of Equilibrium Entrainment Correlation
to Various Data
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Fig. 4. Droplet Size Distributions in Nondimensional Droplet Diameter vs.
Volume Fraction Oversize Plot for Data of Wicks and Dukler [28,29],
Cousins and Hewitt [30], and Lindsted et al. [31]
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Fig. 6. Effect of Concentration on Drag Coefficient in Viscous Regime
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Pig. 7. Drag Coefficient for Multiparticle Newton's Regine
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Fig. 8. Drag Coefficient in Distorted-Particle Regime
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Fig. 9. Drag Coefficient for Churn-Turbulent Flow
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Fig. 10. Drag Coefficient for Slug Flow


