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Résumé
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stockage d'énergie. L'énergie nucléaire hors pointe est stockée sous
forme de H2 (et 0z) é lect ro ly t ique dont le deuterium a été transféré
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ABSTRACT

A combined energy storage - heavy water production system
is presented. Off-peak nuclear energy is stored in the
form of electrolytic H2 (and O2) from which a large
fraction of the deuterium has been transferred to water
in an H2/H2O deuterium exchange catalytic column. The
mr-in features and advantages of the combined electro-
lysis - catalytic exchange D20 process are discussed.
Significant quantities of D20 could be produced econo-
mically at reasonable peak to base power cost ratios.
Thirty to forty percent of the primary electric energy
should be available for peak energy via either gas-steam
turbines or fuel cells.
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INTRODUCTION

Ontario Hydro, the public utility that supplies electricity
to the Province of Ontario, is the major producer of nuclear
power in Canada. The utility has 2,222 MWe**of installed
nuclear power, 5,000 MWe under construction, and a further
5,000 MWe in the planning stage. Nuclear generation presently
accounts for 1S% of Ontario's electric power and by 1990 it
is expected [1] to reach 60-65%. The nuclear plants were de-
signed for base load since the CANDU pressurized heavy water
reactors were expected to have a lower Total Unit Energy Cost
(TUEC) than base loaded fossil fuelled therm?l generating
stations. In actual operation the CANDU stations do produce
the least expensive thermally generated electricity in Ontario.
In May 1973 before fossil fuel prices escalated so dramatically,
the maturity TUEC curves for the Pickering nuclear station and
the Lambton coal fired station of the same size and vintage
crossed at a Net Capacity Factor (NCF) of about 60% [1]. In
March 1975, the maturity TUEC curves, based on actual cost
experience for the two stations, crossed at a NCF of about 221.
Furthermore, at 801 NCF, the Pickering TUEC is 7.03 $/MWh and
the Lambton TUEC is 16.18 $/MWh, based on cu.rrent costs of
new low sulphur coal [1].

This utility's peak power demands are presently met mainly
with fossil fuel fired plants, with some hydro, and some pumped

CANada Deuterium Uranium
**MWe - megawatts of electrical capacity
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water storage contributing [2]. However, for economic reasons
outlined above, and since the costs of fossil fuels of all
types are increasing faster than the cost of nuclear fuel
based on natural uranium for the CANDU family of reactors,
Ontario HycTro IT already considering nuclear reactors for
peaking duty in the future.

An alternative approach to designing a CANDU reactor specifi-
cally for load following would be to concentrate on an energy
storage system. Such a system could eventually reduce in-
stalled generating capacity from that reauired tc meet peak
power demand to more nearly that required for the yearly
average power demand.

In this paper we consider storing off-peak nuclear energy in
the form of electrolytic hydrogen and oxygen, with reconversion
to electric power as required for peaking. This concept is
not new [3-9]. We propose an added feature, however, which
makes this concept considerably more attractive, particularly
in the overall CANDU power reactor system. By means of our
newly developed catalytic system for exchanging hydrogen
isotopes between hydrogen and water [10,11], the deuterium
concentration process, inherent in the electrolysis, would be
markedly enhanced and more of the valuable heavy water by-
product stream produced. Depending on how the credit is taken,
either the peak power cost is lowered, or the cost for heavy
water is lowered. The system is shown schematically in Fig. 1.
Potential uses of off-peak nuclear hydrogen, and oxygen [e.g.
Ref. 12] other than generating electricity are included.

This scheme becomes attractive at reasonable peak to base
power cost ratios not only because deuterium is produced as a
valuable' by-product, but also because this peaking operation
is pollution free and the chemical source for energy storage,
namely H20, is cheap, abundant and renewable in the cycle. In
passing, it is worth emphasizing that deuterium recovery from
any large hydrogen production facility should be seriously con-
sidered since it can be a valuable by-product.

The text consists of an overall description of the deuterium
extraction process followed by a fairly detailed evaluation of
the deuteiium exchange catalyst column since this aspect will
probably be new to most readers. An outline of the various
types of conventional electrolysis cells is presented next,
followed by a discussion of the parameters for the electrolysis
plant. Two short sections are included dealing with the
advantages of the combined electrolytic-catalytic deuterium
extraction process, and with D20 production as a by-product
of energy storage via hydrogen. Finally, H2-O2 gas-steam
turbine cycles are briefly discussed from the viewpoint of
—
Present world price set by the USA is ^$125/kg
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high pressure electrolysis.

The size of the peaking operation that will be considered is
one which could produce 75 Mg O80 tons) n20 (99.8%) per year
and assumes a 50% availability of base power for energy
storage. The power for this D20 production (̂ 940 MWe)
represents about 5% of Ontario Hydro's 1975 installed capacity,
which is ^18,5 50 MWe [13].

All deuterium concentrations in tbis paper are expressed either
in parts per million (ppm) of D/(D+H) or as atomic percent.

A COMBINED ELECTROLYTIC-CATALYTIC EXCHANGE HEAVY WATER PROCESS

Efficient concentration of deuterium is accomplished by a
combined electrolysis-catalytic exchange process, henceforth
simply referred to as the combined process, shown schemati-
cally in Fig. 2. Basically, hydrogen gas, produced in
electrolysis cells, which is already depleted in deuterium
relative to the electrolyte, is further stripped of deuterium
by being passed counter current to feed water through a column
in which catalytic exchange of hydrogen isotopes occurs
between gaseous hydrogen and liquid water. The oxygen and the
hydrogen that is highly depleted of deuterium go to
storage and a small stream of water, enriched in deuterium, is
taken from the elect!nlysis unit.

In more detail, purified feed water is fed to a dehumidifier
which serves to reduce the water content of the hydrogen gas
and improves recovery of the deuterium in the water vapour en-
trained in the hvdro"en gas. A similar enuilibrat ion function
is performed by a scrubber between the electrolysis cells and
the bottom of the exchange column, and in addition prevents
any entrained electrolyte in the hydrogen from contacting the
exchange catalyst. The dehumidifier and the scrubber could
be readily incorporated into the top and bottom sections of
the exchange column itself, each consisting of inert column
packing.

The exchange column contains a hydrophobic Pt catalyst [10]
which remains active in the presence of liquid water and
catalyzes the exchange of deuterium between water and hydrogen
gas. The column is operated as a trickle bed reactor. Labora-
tory tests, while continuing, indicate that the necessary
catalytic activity and reasonable catalyst lifetimes for this
monothermal mode of hydrogen isotope exchange are obtainable.
Although platinum \\s the active metal, commercial catalysts
have already been produced with sufficiently low concentra-
tions that the platinum cost is no longer the main cost in
producing the catalyst.



Tn the exchange column, deuterium is transferred from the
electrolytic hydrogen gas to the vatcr. The final deuterium
concentration in the hydrogen gas at the top of the column
depends primarily on the operating temperature . f the column,
the degree of "pinching" (95% towards equilibrium is quite
feasible), and the natural abundance of the feed water. The
latter can vary from about 131 ppm to 149 ppm in Canadian
fresh waters [14]. The Great Lakes have about a 148 ppm
deuterium content and this is the value chosen for our cal-
culat ions.

An operating temperature of 00°C hns been chosen as a com-
promise between the equilibrium separation factor*, ac, 'md
the overall reaction rate. At 60°C, ar for the reaction

img + n 2 o £ t if2 + nno £ ( l )

is 3.2 so that the equilibrium value of deuterium at the top
of the column is l-̂-§ =• 46.3 ppm while the working value chosen
is 50 ppm (pinching to 92%).

The deuterium, recovery for these conditions is therefore

where Dp and Dt are the deuterium concentrations in ppm in
the feed water and the hydrogen gas at the top of the exchange
column, respectively.

In the combined process any conventional electrolytic cell
with a suitable separator between the anode and cathode com-
partments may be used. From the point of view of deuterium
separation in the cell, however, the operating temperature
should be as low as possible since the electrolytic H/D separa-
tion factorf, CXE> is inversely proportional to temperature [15]
A value for ag = 6.0 was chosen for the more detailed cal-
culations. This would be readily attainable on mild steel
cathodes at 60°C [16] and on many other metals at lower tem-
peratures. The effect of changing aE on catalyst requirements
will be discussed later.

The steady-state deuterium concentration in the cell can be
selected at will simply by changing the ratio of cell product
flow to feed water flow and adjusting the reflux. The higher

aC is defined as the D/H ratio in the water divided by the
D/H ratio in the hydrogen gas at C° celsius

1ag is defined as the H/D ratio in the evolved gas divided by
the H/D ratio in the electrolyte
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the steady state deuterium concentration in the cells however,
the larger is the number of transfer units' (defined later)
required in the exchange column since the electrolytic H2 will
have a correspondingly higher deuterium concentration.

Because the abundance of deuterium in natural water is so low,
it is prudent to cascade [17] to 2 or more electrolysis-
exchange staecs and to limit the deuterium concentration in
tiie 1st stage cells. Cascading reduces the total catalyst
volume at the expense of more transfer units [17].

Since the electrolyte must be removed from the product water
between each stage because catalyst performance deteriorates
in the presence of KOH, the optimum number of stages and
deuterium concentration in each stage product must take the
cost of electrolyte removal into account. Partial evaporation
is the most likely method for electrolyte removal. This step
could, however, be eliminated by using a cell incorporating a
solid electrolyte such as a solid polymer. The ultimate
choice of basic cell would be made on the basis of economics
taking into account the factors mentioned above.

In calculating the material balances in our paper, the
deuterium concentrations between phases have been calculated
according to the exact relations:

.'iJld

Y =

X =

X + a(l-X)

aY

Y(a-l) + 1

(3a)

(3b)

where X and Y are the atom fractions in the water and hydrogen
gas respectively, and a is the appropriate separation factor.

The number of transfer units, N.T.U., has been calculated
from

N. T . U. =
1-J £n 1-J + J (4)

where J = mG/L in which m is the slope of the equilibrium line
over the concentration range of interest, and G and L are the
gas and liquid molar flows; Y and X are the atom fractions of

A

The concept of "number of transfer units" in a packed column
is closely related to that of "number of theoretical plates"
in a column with sieve or other type of plates.
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deuterium in the gas and liquid phase respectively, and the
subscripts t and b refer to the top and bottom of the exchange
column. For small deuterium concentrations the slope of the
equilibrium line, m, is proportional to 1/oc but this approxi-
mation introduces a significant error when the deuterium con-
centration of interest is greater than about 10?». Graphical
and analytical methods were used to calculate N.T.U. at the
higher concentrations.

1-XCHANGE COLUMN PARAMETERS

Preliminary cost estimates indicate that a 3-stage process
is the most economic configuration Tor the combined process
and that the optimum 1st stage concentration is of the order
of 0.3%.

A complete material and deuterium balance, including humidity
corrections, is presented in Fig. 3 for a£ = 6 and for 1st
and 2nd stage products of 0.3% and 101, respectively. For
these conditions, the 2nd and 3rd stage watei flows are 4.9%
and 0.15% of the 1st stage flow respectively.

The relatively large 1st stage flows lead to the first stage
contributing the major costs (see Fig. 4). Although the data
in Fig. 4 are for a commercial GS (Girdler-Sulphide) plant
based on the dual temperature H2S-H2O exchange reaction, the
principle depicted applies to all H/D separation processes.
Even for the hypothetical perfect separation nrocess, about
7000 atoms of hydrogen must be handled or treated in some
manner in order to extract the one deuterium atom present at
the natural concentration.

The relative catalyst volumes for the 1st and 2nd stages are
shown in Fig. 5 as a function of different 1st stage enrich-
ments for the same 2nd and 3rd stage parameters as in Fig. 3.
The 3rd stage catalyst volume represents such a small per-
centage, even for a small 1st stage enrichment factor, it is
not shown in Fig. S.

The effect of ag on the 1st stage catalyst volume was cal-
culated for a 1st stage deuterium product of 0.3%, ignoring
the small humidity corrections. For ag = 1, 3, and 6, the
increase in the catalyst volume would be 57.51, 31.61 and
11.4% re~spectively relative to a = 9.

The total catalyst volume recmired for the assumed 75 Mg
D2O/a based on 4000 h of operation increases continuously
as the 1st stage enrichment increases (Fig. 6). As Fig. 6
shows, the minimum required total catalyst volume is
approached by making the 1st stage enrichment as small as
possible, even less than 600 ppm being indicated.
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However, as Fig. 6 also illustrates, the electric power for
electrolysis decreases as the 1st stage enrichment increases.
This re f 1 ec ts ~tTTe fTTcT that the total amount of reflux, which
must be elcctrolyzed again, also decreases as the 1st stage
enrichment increases. For example, at 600 ppm the total re-
flux is 25% while at 10,000 ppm it is only 1.5% of the feed
water flow. The optimum deuterium concentration in the 1st
stage product will therefore depend on the relative total
costs of the II/D exchange catalyst column and the electrolysis
plant.

As a first approximation we assume the total cost for the
exchange column and electrolysis plants are proportional to
the total catalyst volume and the electrolysis power, respect-
ively. Preliminary cost estimates show that electrolysis
costs are likely to be higher than catalyst costs by about a
factor of 2 to 4. Thus, total relative costs have been cal-
culated n ••• a function of 1st stage enrichment for electrolysis
cost to catalyst cost ratios, CfjCc, of 2, 3 and 4.

From this analysis, depicted in Fig. 7, it is obvious that,
while the optimum deuterium concentration in the 1st stage
product increases as Cn/Crj increases, this effect is small, and
that a range of 0.15$ to 5% appears suitable. Fig. 7 also
shows that the increase in the catalyst cost at higher 1st
stage enrichments than the optimum is more gradual compared
to the increase in the electrolysis cost at lower 1st stage
enrichments. Furthermore, the total relative cost, changes by
about 25« when C]]/CQ is either increased or decreased by one,
and is nearly independent of the 1st stage enrichment.

From the foregoing it is clear that a 1st stage enrichment to
0.3% deuterium is a reasonable first choice. For this case,
the total volume of catalyst required for the chosen pro-
duction rate, namely,

75 x 103

D2O Production Rate = = 18.75 kg D20/h, (5)
4000

is about 200 m3 (7000 cu. ft.) of which 94.51, 5.31 and 0.2%
are required in the 1st, 2nd, and 3rd stage exchange columns,
respect Ively.

For a given catalyst volume and activity, the actual dia-
meter and height of the catalyst section of the column depend
on the superficial (linear) gas velocity. To a good first
approximation, the height equivalent to a transfer unit,
H.T.U., is given by

H.T.U. = FH2 at S.T.P./K a (6)
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where Fj{2 is the super f i
 (".i al hydrogen pas velocity and Kya is

the effective mass transfer coefficient. Column sizes are
tabulated in Table I for two superficial gas velocities, 3.05
m s~l (10 ft. s""") and 10 m s~J , both at S.T.P. Experiments
indicate the minimum superficial gas velocity at pressure is
of the order of 0.3 m s"1 for good overall performance. Tn
this calculation, we have assumed that Kva is independent of
gas flow rate. Experiments indicate this is a close approxi-
mation for our exchange columns over the limited range of
practical superficial gas ATlocities considered.

To put the size of the 1st stage catalyst columns for the
combined process into perspective, the volume of the 1st stage
towers in the dual temperature H2S-H2O process would be about
an order of magnitude larger for the san;: 1st stage product
and production rate.

ELECTROLYSIS: CELLS AND ELECTROLYTES

As already mentioned, any conventional electrolysis cell with
a suitable separator between the anode and cathode compart-
ments may be used for the combined process. The basic
electrochemical reactions for both acidic and basic
electrolytes are tabulated in Table TIA per four faradays*of
charge passed through the cell.

For liquid electrolytes such as H 2SO U and KCiH the elemental
electromigrat ion reactions involve the transport numbers *: +

and t" of both the cation and anion respectively, but only
one ion takes part in the electrode reactions. Therefore, in
addition to the electrolysis of water, the net cell reactions
also involve the transfer of electrolyte from one side of the
separator to the other as shown in Table ITB. The amount
transferred per faraday of charge depends on the transport
number of the ion which is not directly involved in the
electrode reactions. To prevent a concentration gradient
between the two halves of the cell, which would of course
result in a "back emf", the nnolyte and catholyte should be
mixed external to the cell continuously. Electrolyte cir-
culation is necesssry in any case for proper temperature con-
trol in the cell at practical current densities.

In the case of a cell incorporating either a solid polymer
electrolyte or a solid o/ide electrolyte, all the electric
current is carried in the electrolyte by the same ion in-
volved in the electrode reactions, that is, its transport
number is unity. Therefore, no electrolyte is transferred.

Solid electrolytes in the form of cation (acidic) or anion
(alkaline) exchange membranes offer several advantages to
liquid electrolytes as follows:

faraday = 96.4 89 kC
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(1) handling of liquid electrolytes which may be very
corrosive 15 eliminated since pure, deionized water is the
only liquid required;

(2) since the membranes are thin (-0.3 mm) and the electrode
metals may be applied directly onto the membranes' sur-
faces, the total unit cell thickness is only of the order
of 2-3 mm;

(3) th Mnbranes with metal screen current collectors on both
sid':s "an withstand differential pressures of the order of
6 MPa ,^900 psi);

(4) electrolyte recovery from the product stream is eliminated.

However, solid electrolytes in the form of ion exchange mem-
branes do have some disadvantages, namely:

(1) their specific electrical resistance is generally higher
than that of the corresponding strong acid or base
electrolyte;

(2) they are relatively expensive;

(3) they require deionized water as feed to maintain their
conduct ivity.

The solid polymer electrolyte technology in the cationic
form (sulfonic acid type) is being actively pursued by the
General Electric Co. [18] for electrolytic hydrogen and oxygen
generation. Laboratory scale (150 cm3 at S.T.P. of H2)
electrolyzers are already commercially available and larger
scale prototypes have been built, e.g. an 0 2 generator for a
six man space station for NASA. Some of the G.E. cells have
been tested [18] up to 2.2 A cm'2 (2000 A/sq. ft.) at about
353 K. For long-term stability 1.1 A cm"2 seems to be a more
realistic maximum current density.

If fuel cells were to be used for reconverting the evolved
gases into electricity, the electrolysis cells need not be
high pressure cells. But, if a gas turbine were to be em-
ployed, it would probably be advantageous to compress the
gases electrochemically since the Nernst potential required
for a gas pressure of 2 MPa (̂ 20 atm) is less than 50 mV at
60°C. Electrolyzers operating at 2 MPa are already available
commercially [19], and a G.E. prototype solid polymer
electrolyte cell has also passed pressure tests in this range.

The heat generated due to the internal resistance of the cell
is most conveniently removed by circulating the cell solu-
tion through external heat exchangers. More than enough heat
will likely be generated within a chosen cell design to operate
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the catalyst column at 333 K.

Solid oxide electrolyte cells operate at high temperatures,
for example up to 1000°C, [20] and therefore they are not
likely to be as suitable for the present application as low
temperature cells for the following reasons:

(a) the start-up and shut-down times for these high tempera-
ture cells will be very much longer relative to the low
temperature cells and therefore are not suitable for
daily peaking operation;

(b) the electrolytic H/D separation factor, aji, will be very
close to unity because of the high temperature, thus
requiring a larger number of transfer units in the
stripper column for any given enrichment factor.

ELECTROLYSIS PLANT

The size and therefore the capital cost of the electrolysis
plant is inversely proportional to the current density for a
given production rate. On the other hand, the operating costs
increase with increasing current density because the individual
electrode overpotentials as well as ohmic losses due to the
resistance of the electrolyte are proportional to the current
density. The optimum choice of operating parameters will
therefore depend on the relative capital and operating costs
for the particular cell type chosen.

Assuming the same current density for anode and cathode, the
geometric surface area each of anode and cathode required to
produce feed equivalent to 1 kg D2O/h is given by equation (7):

1000 106 n E

Electrode Area = 20.02$ X D~ x R~ x 2 x 9 6 » 4 8 9 x

= 2.68 x 10 1 2 n±V x - r | . n_ n /, ) . (7)

where ng is the number of times the feed water must be
electrolyzed (reflux) , Dp is the deuterium concentration of
the feed in ppm D/CD+H), R is the fraction of deuterium re-
covered, and c.d. is the current density in mA cm"2 based on
the geometric surface area.

Assuming a current density of 500 mA cm"2, the 1 kg D?O/h
requires about B.7 x 103 m2 each of cathode and anode surface
area for the 0. T5 1st stage product case where ng = 1.05.
A 75 Mg plant would therefore require about 10s m2 (>106 sq. ft.)
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each of anode and cathode surface area [recall equation

The number of kWh of electrical energy required per kg D20
is

Energy /kg D20 = 2.68 x 10
6 „ b kWh (8)

where Vg is the terminal unit cell voltage in volts. For the
3-stage plant under consideration the energy required per kg
D20 is 50 MWh and for the plant production the energy required
is 3.75 x 106 MWh based on an assumed cell voltage of 1.74 V .

A terminal cell voltage of 1.74 V yields an electrical energy
efficiency of about 70%f and should easily be attainable with
present cell designs at moderate temperatures. With more ad-
vanced cell designs, efficiencies up to 80% should become
feasible [21,22] .

The base power required for the assumed electrolysis plant is,
therefore,

Power = D20 Production Rate (kg/h) x Energy (MWh)/kg D20

75 x 103

x 50 = 938 MW. (9)4000

This amount of base power represents about 18% of Ontario
Hydro's projected 1979 nuclear generating capacity. Assuming
an overall combined energy efficiency of 401 for electrolysis
plus either turbines or fuel cells, then 1.5 x 106 MWh of
peaking energy would be available. ~~~

ADVANTAGES OF THE COMBINED PROCESS

Advantages of the combined heavy water process as compared to
electrolysis alone are as follows:

(a) For electrolysis alone, operated as an ideal cascade, the
total number of times the feed must be electrolyzed, ng,
is of the order of 1.7 for CCE = 6 and Dp = 148 ppm [23].

*
This particular value was chosen because, apart from being a
reasonable choice at the particular current density, it
corresponds to 50 MWh/kg D2O for the 0.31 first stage en-
richment example, a convenient number to remember.

'based on the standard free energy, 1.23 V
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For the electrolysis of the coupled electrolysis-chemical
exchange process, ng varies from 1.10 to J . 01 depending
on the 1st stage product deuterium concentration chosen,
rrom 1500 ppm to 30,000 ppm. This represents a saving of
at least 60% in the energy costs for electrolysis, whatever
the price of electricity.

(b) Again assuming an ideal cascade .for the conditions mentioned
above, the number of stages reauired for electrolysis alone
[23] is of the order of 17. For the combined process, the
number of stages can easily be reduced to 3 as shown in
Fir. .3.

D20 PRODUCTION AS A BY-PRODUCT OF ENERGY STORAGE VIA HYDROGEN

The electrical energy cost per kg D20 for electrolysis is
shown in Fig. 8 as a function of the peak to base power cost
ratio, Cp/Cg, for different realistic base power energy costs.
The net electrical energy cost per kg D:O is zero for Cp/Cj; =
2.5 and independent of Cg. If less than 401 of the input
energy iv'ere recovered this point would be shifted to a higher
peak to base power cost ratio. From Fig. 8 it is also obvious
that for Cp/Cp >2.5, the energy dollar credit per kg D20 in-
creases ,-.? CR increases, so that peak power production via the
proposed process should become more and more attractive with
time as the alternative peaking operations become relatively
more and more expensive, and as the base power costs increase.
At present, Ontario Hydro's peak to base power unit energy
cost ratio [1] is estimated as greater than 2.5. This ratio is
expected to increase as more and more nuclear stations come
on-line as long as peak demand is met with fossil fired stations
as at present.

Because energy for storage will only be available during off-
peak periods, the D2O plant also can only ooerate part of the
time. The resulting extra capital cost per kg D2O would be
offset by the energy dollar credit per kg D20 for any peak to
base power cost ratios greater than about 2.5 (see Fig. 8).

HYDROGEN AND OXYGEN STORAGE

An analysis of hydrogen and oxygen storage is beyond the
scope of this paper. Oxygen storage is easy and hydrogen
storage has been discussed, for example, in reference [7]. A
few comments on storage location may be appropriate, however.

The whole energy storage system could be located anywhere on
the power grid at the expense of electrical transmission losses.
For example, decoupling the storage system from the nuclear
reactor, except for electron flow, may be desirable if a site

- 12 -



appropriate for underground gas storage were available at
.mother location. Decoupling may also be advantageous where
the reactor is situated some considerable distance away from
the load centers. By locating the energy storage system near
a load center, the major transmission losses would be ab-
sorbed at the base rate.

Regardless of the storage method, it is recognized that storage
incurs significant losses of useful energy which must be con-
sidered in any detailed desipn study of the proposed scheme,

ilYnROGHN-nXY(;i:.N TURBFNHS

During peak power demand the stored hydrogen and oxygen could
in principle be reconverted to electricity by means of a
high temperature turbine cycle such as that shown in Fig. 9.
Hydrogen-oxygen turbine cycles with efficiencies of 55% to
70o have been predicted for systems with inlet temperatures up
to 1925°C to 2200°C at 10 MPa' for the years 1985 to 2020 [24].
In contrast, temperatures as high as 1066°C only are permissible
today for industrial class tmbines [25]. Thus in actual
practice the temperature will no doubt be limited to 1100°C to
1400°C for some years. Electrolyzer pressures of 2 MPa to
7 MPa. appear feasible in the near term [26] . Under these con-
ditions the turbine conversion efficiency would be expected
to approach 50° as indicated in Fig. 9.

SUMMARY

Rase loaded, natural uranium, heavy water moderated nuclear
reactors (the CANDU system) produce the least expensive ther-
mally generated electric energy in Ontario. Nuclear power
presently accounts for fifteen percent of the electric energy
in Ontario.

Nuclear plants coupled with some form of energy storage are
being considered as a means to meet the variable load com-
ponent in the future. Several authors have suggested
electrolytic hydrogen with reconversion to electric energy
via fuel cells, gas turbines or MHD units as a storage system.

In a nuclear system, such as CANDU, that requires heavy water,
an additional attraction for electrolytic hydrogen storage is
the possible production of D2O as a by-product from the
electrolysis, which has also already been noted. This scheme
becomes even more attractive with an efficient deuterium
extraction method based on a combined electrolysis-catalytic
exchange process.

The combined process described is now possible using a newly

- 13 -



developed, wet-proof, hydrogen-water isotope exchange catalyst.
The catalyst operates in a monothermal, trickle-bed exchange
column ttfith water as feed and electrolysis supplying the re-
flux hydrogen. Production of the electrolytic gases in
conventional, high pressure [>,2 MPa) cells would aid the ex-
change process and would permit gas turbine operation without
a compressor stage. Finally, such a hydrogen-oxygen com-
bustion turbine could be coupled to a steam turbine to further
extract energy and improve efficiency.

With present electrolyzer and turbine technology, 30% energy
recovery is realistic and 40% seems possible in the near
future. At 4 0% recovery, the net energy cost for D20 pro-
duction would be zero at a peak to base power cost ratio of
2,5, a ratio about that for the Ontario Hydro system at present,
At a higher ratio, not unexpected in the future as fossil fuel
costs will likely rise faster than nuclear fuel cost, an
energy dollar credit results, and increases as the base load
energy cost increases. It should be noted that the capital
cost of the electrolysis-exchange equipment, per unit of D2O
production, will be higher than expected at first glance
since this plant will not operate during peak load periods.
The same situation applies to the steam turbine section of
the hydrogen-oxygen turbine cycle, which operates only during
peak load periods. However, the higher the cost of base load
power, and the greater the spread between variable load and
base load energy costs, the more capital can be afforded for
the system proposed in this paper.
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Linear Gas
Velocity
@ S.T.P.
m s"1

3.05

10

Column
Parameter

Area

Diameter

Height

Area

Diameter

Height

TABLE I: DIMENSIONS OF THE CATALYST SECTIONS FOR THE STRTPPER
COLUMNS FOR A D2O PRODUCTION RATE OF 18.75 kg h"

1

1st Stage 2nd Stage 3rd Stage

19.5 m2 210 ft2 0.96 m2 10.3 ft2 270 cm2 0.3 ft2

5 m 16.4 ft. 1.1 m 3.6 ft, 18.5 cm 7.3 in.

9.6 m 31.6 ft- 11.1 m 36 ft. 15.8 m 51.8 ft,

5.9 m2 64 ft2 0.29 m2 3.1 ft2 78.5 cm2 12 in2

2.75 m 9.0 ft. 61 cm 2.0 ft. 10 cm 4 in.

33.1 m 109 ft 38 m 125 ft 54 m 177 ft.



TABLE TT\: DIFFERENT TYPES OF IVATER ELECTRiU.YST S
CELLS: IXnTVTDUAL RE ACT TOWS Pl-R 4 FARADAYS

Cell Type Anodic Reaction Cathodic Renction
Elect romig ration

Reaction

1. Liquid Electrolyte

(a) Acidic e.g. H2SO,,

(b) Basic e.g. KOH

2. Solid Polymer
Electrolyte

(a") Acidic: —SO3II"*"

(b) Basic: -P

2H2O>n2+4H +4e

2 I I 2 O 0 2 + 4H +4e

4OH"->O2 + 2H2O+4e

4H +4e+2H2

4H2O+4e-»-2H2

4H +4e->2H2

4H2O+4e+2H2+4OH'

4t Cations+Catholyte
4t Anions-»-Anolyte
4t* Cations^Catholyte
4t Anions^-Anolvte

4H •+ Cathode

40H"-> Anode

3. Solid Oxide
Electrolyte
e.g. Zirconia Ceramic

20 +02+4e 4H2O+4e>2H2+2O" 20 •+Anode

The net cell reaction common to each type is: 2H20+0?+2H2



TABLE IIB: NET CELL REACTIONS PER 4 FARADAYS IN ADDITION TO ELECTROLYSIS OF WATER

Cell Type Additional Net Cell Reaction

1. Liquid Electrolyte

(a) Acidic e.g. H2SCU 4t equivalents of electrolyte are transferred from
catholyte to anolyte e.g. 2I-I2SOi»

(b) Basic e.g. KOH 4t equivalent 3 of electrolyte ave transferred from
anolyte to calholytc e.g. 4KOH
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Fig. 2. Block Diagram of the Combined Electrolytic-Catalytic
Deuterium Exchange Heavy Water Process (CECTHWP).
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Fig. 3. Complete Mass and Deuterium Balances for the 5-Stage Combined
Electrolytic-Catalytic Heavy Water Process Based on the Follov-
ing Assumptions: Dp = 148 ppm, n w a s t e = 50 ppm, D l s t stage

 =

0.3%, D2nd Stage = 1Q?°> «li = 6-0, and «c = 5.19. Note that the
2nd and 3rd Stage Il2 and O2 are Recombined to Form H2O which is
Returned to the Corresponding Previous Stage as Reflux.
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Fig. P. A Possible Hydrogen-Oxygen Turbine Cycle for the
Proposed Peaking Plant.
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